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In the present work an investigation of the reforming technologies available 
for Solid Oxide Fuel Cell (SOFC) systems and their basic concepts has 
been carried out, with the aim to describe, test and simulate the reforming 
process for fault diagnosis application. 
The final aim of a fault diagnosis activity for SOFC systems is to 
reach the required criteria for a commercial application, which, besides 
long lifetime and performance, include high reliability and safety at 
reasonable costs. The achievement of these targets is necessary to 
contribute promoting the SOFC technology and finally starting a mass 
production phase.  
In this thesis, the attention has been focused on the reforming 
reactor, responsible for the conversion of the inlet fuel in hydrogen, suitable 
source fuel for the SOFC. In particular, the Catalytic Partial Oxidation 
(CPOx) process has been analyzed.  
The CPOx reforming mechanism is the most attractive technology 
for the production of syngas or hydrogen in small-medium scale SOFC 
applications and Micro Combined Heat and Power (µCHP) systems. This 
is due to the ability of the CPOx reaction to be carried out in compact 
reactors with rapid dynamic response and with low heat capacity. The 
reaction is slightly exothermic and therefore does not require external heat 
to take place. In addition, CPOx technology does not require steam, as the 
media required for the reforming reaction is air, which is easily available 
for residential application. This mainly means that CPOx is independent 
from an external water source and any heating source. The hydrocarbon is 
both oxidized to CO2 and H2O, either partially or completely, and also 
converted to synthesis gas by endothermic steam reforming (according to 
the indirect CPOx mechanism).  
Despite these advantages, catalytic partial oxidation is less efficient 
than steam reforming. This indicates that it is most suitable for applications 
in which the system simplicity has the priority with respect to the hydrogen 
yield. The high surface temperatures can cause a local loss of activity of 
the catalyst, leading to the instable performance of the entire reactor. 
Nevertheless, in the CPOx process even a small difference in the operating 
air and fuel flow rates could lead to carbon deposition or oxidation of the 
catalyst, with serious consequences for the SOFC system and for the stack 
itself. 
It is therefore extremely important to develop a diagnosis tool able 
to investigate these phenomena and to detect and isolate the faults that may 
verify inside the reactor. The most common fault events likely to occur 
inside a CPOx reformer for SOFC applications have been analyzed through 
a Failure Mode and Effect Analysis (FMEA) and a Fault Tree Analysis 
(FTA). These analyses are aimed at identifying the main events responsible 
for the catalyst deactivation, together with their causes and effects on the 
SOFC system performance.  
The Catalytic Partial Oxidation mechanism has then been explored 
from both modelling and experimental points of view, with the aim to 
simulate the reforming process and identifying the thermodynamic optimal 
operating conditions at which natural gas may be converted to hydrogen. 
At the same time, the main fault scenarios likely to occur during the 
reforming phase have been analyzed, both in experiments and during 
simulations, to evaluate the capability of the developed model in 
performing effective fault detection and isolation for on-board diagnostic 
application. 
The CPOx dynamic model developed is based on the minimization 
of Gibbs free energy and can be easily reconfigured for describing a steam 
reforming mechanism. The simulation results give useful indication on how 
operating parameters such as the input conditions of reactants (inlet 
compositions and temperature) affect the reaction equilibrium and, in turn, 
the products composition and reactor outlet temperature. A sensitivity 
analysis for different operating conditions has been carried out. The 
transient behavior of the reforming reaction and the information about 
methane conversion and hydrogen selectivity complete the set of model 
results.   
The dynamic CPOx model has been validated through experimental 
data and its behavior during transients has been carefully analyzed during 
the variations in the set-points of operating phases. Both test data and 
reactor design were part of the activities performed within the EFESO 
project, funded by the Italian Ministry of Economic Development and led 
by Ariston Thermo Spa.   
The model results demonstrate that the CPOx dynamic model 
represents a useful tool for fault diagnosis application and its results 
provide an interesting benchmark for the design and working parameters 







































Modern lifestyles have led to a relentless increase in energy consumption. 
Traditional ways to generate power include combustion of fossil fuels and 
coal, hydroelectric and nuclear energy conversion. The most widespread 
power generation technologies rely on the combustion of fossil fuels (e.g. 
oil, gas, coal), this leading to the environmental pollution due to the release 
of combustion products in the atmosphere. In addition, the uneven 
distribution of the finite fossil fuel sources worldwide causes geopolitical 
unrest. Therefore, there is a need for better ways to satisfy the energy 
demands of society. Fuel cells appear as an attractive alternative to 
traditional power generation methods. A fuel cell is a reactor that generates 
electrical power through an electrochemical reaction of fuel and oxidant, 
whereas fossil fuel combustion entails a thermodynamical reaction. 
Electrochemical power generation has many advantages over fossil fuel 
combustion, including higher efficiency, zero/low pollution, limited 
equipment maintenance and modularity. The fuel cell receives the reactants 
that take place in the energy conversion process in a continuous manner, 
unlike batteries, which use chemical energy that is stored within the 
electrodes [2,10]. 
Since the first demonstration of the fuel cell principle described by 
Sir William Grove in 1839, many types of fuel cells have been developed. 
In a first moment, a great attention was focused on proton exchange 
membrane fuel cells (PEMFC), overshadowing the development activities 
of other fuel cell types, but in the last decades Solid Oxide Fuel Cells 
(SOFC) have gathered a large attention, mainly for the potential 
applications as stationary power generation and auxiliary power generation 
(APUs) for transportation use (ground, marine, air). SOFC attractiveness 
lies on both the high energy conversion efficiency and the well-known 
limited emission levels (only the CO2 released by the hydrogen production 
process is a concern). Other advantages are: modularity, fuel flexibility and 
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low noise [1, 21, 40]. Moreover, the high working temperatures provide 
additional positive features, such as potential use of SOFC in highly 
efficient cogeneration applications. SOFC may be also suitable for 
internally reforming the fuel (e.g. natural gas, propane, methanol, gasoline, 
Diesel, etc.), to produce the hydrogen for the electrical reaction [2]. 
Most types of fuel cells, including SOFC, require hydrogen as a fuel 
source. In the transition to sustainable energy, hydrogen is playing a key 
role as an energy carrier. Although the oldest and most common element 
in our universe, pure hydrogen is not a natural resource. All hydrogen on 
earth is stored in a compound with other molecules. Water, essential for all 
life processes surrounding us, consists of 66% hydrogen. Currently, 
hydrogen is the most widely industrial gas used in the refining, chemical 
and petrochemical industries, and in addition can be directly burned in an 
internal combustion engine or electrochemically converted to electricity in 
a fuel cell system. In the last years, hydrogen has been the center of 
attention of public opinion as a possible ‘pole star’ of a new energy future 




1.1 - Motivation and objectives of this work 
 
At the present, long-term stability appears as the most important 
requirement for the commercial application of the SOFC technology. For 
stationary applications, the commercial lifetime requirement is generally 
more than 40,000 h. In comparison, up to a 20,000 h lifetime with more 
frequent thermal cycles is required for auxiliary power units in 
transportation applications [6]. However, these lifetime requirements have 
not been met yet outside of lab environment [85, 86]: SOFC system 
prototypes still suffer from a low reliability of both the fuel cell itself and 
the complete system, not allowing their commercial large scale 
deployment. It is therefore essential to increase the understanding in SOFC 
systems degradation and faulty mechanisms [20].  
The final aim of a fault diagnosis activity for SOFC systems is to 
reach the required criteria for a commercial application, which, besides 
long lifetime and performance, include high reliability and safety at 
suitable costs. The achievement of these targets will surely contribute to 
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promote the SOFC technology and finally starting a mass production phase. 
In the present work, the attention has been focused on one particular 
component of the SOFC system, the reforming reactor, responsible of the 
conversion of inlet gas in hydrogen, suitable source fuel for the SOFC.  
Hydrogen can be produced using different, domestic resources 
including fossil fuels, such as natural gas and coal (with carbon 
sequestration), nuclear, biomass and other renewable energy technologies, 
such as wind, solar, geothermal, and hydro-electric power. The overall 
challenge to hydrogen production is cost reduction. The development of 
clean, sustainable, and cost-competitive hydrogen production processes is 
key to a viable future clean energy economy. SOFC systems are fed by 
hydrogen that only in a few cases (mainly in lab tests) is pure, drawn by 
hydrogen storages. The widest usage of hydrogen for fuel cell derives from 
conversion of natural gas. In the sections below the hydrogen production 
mechanisms for fuel cell system are therefore described, with particular 
attention to the Catalytic Partial Oxidation (CPOx) process, which is the 
most suitable reforming mechanism for stationary and mobile application 
related to the development of a medium to small scale technology for the 
production of syngas and H2. 
Indeed, Catalytic Partial Oxidation mechanism has been explored 
from both a modeling and experimental viewpoint, with the aim to simulate 
the process and identify the thermodynamic favorable operating conditions 
at which natural gas may be converted to hydrogen. At the same time, the 
main fault scenarios likely to occur during the reforming phase have been 
analyzed, first experimentally and then in the model, showing the capability 
of the model to use fault detection and isolation approaches for diagnostic 
application.  
The dynamic model has been validated on experimental data and its 
behavior during transients was carefully analyzed during the variations in 
the set-points of operating phases. Both test data and reactor design were 
part of the activities performed within the EFESO project, funded by the 
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1.2 - The Role of Systems Diagnosis  
 
To guarantee the safe operation of the fuel cell systems and to support the 
successful deployment of SOFC, it is necessary to use specific 
computational tools, as well as control and diagnosis strategies, and 
systematic techniques that allow to increase reliability of this technology 
[6, 86]. This need is worth for fuel cells and for other mechanical, electrical 
and chemical engineering systems as well. An introduction to general 
systems diagnosis is indispensable to understand the importance and 
advantages that can be achieved performing this task. Designers and users 
often have interest in preventing the occurrence of failures of a mechanism, 
a machine or any kind of technical device. To this end, several approaches 
can be taken, the most obvious of which is to stop the system whenever an 
abnormal functioning is observed, i.e., a fault is determined as a difference 
in the performance of the system from its expected behavior. The ability to 
detect the occurrence of any fault, and identify its cause, is a critical task. 
Attempting to detect a fault before it becomes a failure is a prerequisite to 
the elimination of corrective maintenance, which leads to bring the 
maintenance operations forward in time, i.e., before the system fails and 
needs repair, thus reducing the occurrence of expensive, and unexpected 
breakdowns. In this sense, the two possible options are preventive 
maintenance and predictive maintenance [39]. 
Preventive maintenance (PM) typically refers to performing 
regular, scheduled operations that keep the system running reliably. On the 
other hand, Predictive maintenance (PdM) attempts to defer maintenance 
operations until they are required. Although sometimes there is confusion 
between the two strategies, it is more generally acknowledged that PM is 
concerned with preventing a failure blindly, i.e., without knowing if a fault 
exists or not, whereas PdM endeavors to detect faults before action is taken. 
In order to optimize the control actions and degradation prevention 
capabilities, specific diagnostic methods are needed to determine the actual 
state of the systems in real-time. Fault diagnosis methods aim to satisfy the 
following requirements: early detection of small faults with abrupt or 
incipient time behavior, diagnosis of faults in the actuator, process 
components or sensors, detection of faults in closed loops and supervision 
of processes in transient states. 
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1.3 - Introduction to SOFC system diagnosis 
 
1.3.1 - FDI: definitions and background 
 
Diagnosing an engineering system involves three activities [3, 4, 5]: 
 
a) fault detection to indicate the presence of faults and the time of 
detection; 
 
b) fault isolation to determine the location of the faults after their detection; 
 
c) fault identification to determine the size of the faults and their time-
variant behavior. 
 
According to the schemes of Figure 1.1, the process is composed of three 
phases. First a fault must be found through fault detection techniques. 
Second, the fault is located through a process known as fault isolation. The 
concern of many industrial diagnostic systems focuses on these two 
activities exclusively, so that their practice has become known as FDI. The 
third and final activity, known as fault identification, assesses the severity 
of the fault, either qualitatively or quantitatively. Sometimes, with the 
acronym FDI the combination of fault detection, isolation and also 
identification is indicated, instead of FDII. 
FDI schemes are based on the redundancy concept, whose main 
idea is to increase and complete the information available about the actual 
system status. Temporal redundancy evaluates the evolution of 
uncorrelated variable in time, whereas analytical redundancy applies 
models to simulate the reference system and may provide information 
about non-measurable variables [5]. 
 
6 Chapter 1 - Introduction 
 
 
Figure 1.1- FDI scheme 
 
Many approaches have been proposed for fault detection and 
isolation. The simplest method, used in many industrial applications, 
consists in limit checking a measured variable. In contrast to this physical 
redundancy, more sophisticated model-based techniques relying on the 
concept of analytical redundancy have been developed. In synthesis, the 
idea behind model-based FDI is to use the redundancy in information 
obtained from measurement in combination with a process model. 
The two principal steps of all FDI algorithms are residual 
generation and residual evaluation. The purpose of the first step is to 
generate a signal, the residual, which is supposed to be nonzero in the 
presence of one or more faults, and zero otherwise. In general, the residual 
is obtained by comparing the plant output with the output of a model or 
several models. 
The purpose of the second step of the FDI process is thus to evaluate 
the residual and draw conclusions regarding the presence of a fault. This is 
done by comparing some function of the residual to a threshold and then 
declaring the presence of a fault if the former exceeds the latter [6]. 
Chapter 1 - Introduction 7 
 
 
1.3.2 - Diagnosis for SOFC systems 
 
The core of a fuel cell power system is represented by the stack, formed by 
electrodes, electrolyte and bipolar plate; however, other parts frequently 
make up a large proportion of the engineering of the fuel cell system. These 
‘extras’ are called  balance of plant (BOP). 
The fuel cell stack often appears to be quite a small and insignificant 
part of the whole system, while the extra components required depend 
greatly on the type of fuel cell, and crucially on the fuel used [7].  
Figure 1.2 shows the P&ID (Process and Instrument Diagram) of a 
typical SOFC system for µCHP application with catalytic partial oxidation 
reforming device. Figure 1.3 reports the scheme of a steam reforming 
system, in which also the heat recovery system is shown in the red box. In 
contrast to the hydrogen-fueled system, the salient features of these 
architectures are the use of additional fuel processing equipment: 
 
- Water tank, water pump, water treatment device, steam generator, 
steam reformer and burner, for steam reforming systems. 
 
- Anode air ventilator, air inlet valve, fuel inlet valve, CPOx inlet 
valve, differential pressure devices  for CPOx reforming systems.  
 
These components are located upstream of the fuel cell stack. For micro 
combined heat and power (µCHP) applications, depending on the air 
cooling system, the heat recovery boiler equipment is placed downstream 
of the air pre-heater. Low pressure natural gas enters the system and, if 
required, is compressed and preheated to a temperature suitable for the 
reforming process (normally pressurization and pre-heating are not needed 
for residential application where the gas pressure is 20 mbar at ambient 
temperature). 




Figure 1.2- SOFC CPOx system P&ID (RP20 Acumentrics)[38] 




Figure 1.3- SOFC steam reformed based µCHP [37] - P&ID 
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Just after entering the system (and after pressurization, if present), 
natural gas is desulphurized and mixed with either air (CPOx reforming) or 
with superheated steam (Steam reforming), and delivered to the reformer 
reactors; the product of the reforming reaction, exiting the reactor, is an 
hydrogen-rich fuel mixture suitable for the anode compartments of the 
individual cells. The cathode air, required for both cooling the system and 
releasing the O2- ions required for the fuel cell reaction, is filtered, 
pressurized and preheated to a temperature approximately 50°C below the 
nominal cell-stack temperature before admittance into the fuel cell stack 
module. Air is directed into the cathode compartments of the individual 
cells of the stack through the use of a manifold. The solid oxide fuel cell 
typically operates at temperatures above 700°C. At these high 
temperatures, fast electrochemical reaction kinetics are achieved. After 
electrochemical oxidation of hydrogen and reduction of oxygen, the direct 
current (DC) produced in the process is converted to alternating current 
(AC) by the inverter; a port of this electrical power is used to feed the 
parasitic loads for the BoP components. The unreacted fuel exiting the fuel 
cell stack can be recycled to the anode inlet or oxidized with the depleted 
air exiting the cathode manifold. Typically, oxidation of the fuel is carried 
out in a catalytic combustion process (post-burner). This offgas burner is 
also responsible for keeping the stack at sufficient high temperatures during 
the late startup phase and in standby or idle mode (when the stack is 
generating only the current needed to feed the parasitic devices). Moreover, 
it is responsible for the conversion of residual and unreacted species, in 
order to reduce the formation of pollutant emissions and making the units 
compliant with international emission standards. The products of the 
afterburning process are exploited to preheat the fresh air entering the 
cathode, and are then sent to the external heat recovery device, with the 
objective to recover their thermal content in the form of hot water or central 
heating. In both hydrogen- and natural gas-fueled systems, the solid oxide 
fuel cell temperature is controlled through the excess of air fed to the 
cathode.     
All these components are controlled and actuated by the fuel cell 
control system, whose development and complexity level depends on the 
accuracy, performance and safety requirements. For this last issue, many 
safety devices, such as temperature and pressure switches/controllers, are 
provided and properly set to allow the fuel cell system working safely at 
the pre-established optimal operating points.  
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A fuel cell system is therefore built up by many items, each of which 
is of course vulnerable to faults that, depending on their gravity, can cause 
an immediate stop or the late but permanent damage of the fuel cells. For 
these reasons, the first task to achieve an active tolerant control consists of 
the inclusion of a fault diagnosis system operating in real-time. The 
diagnosis system should allow the fault detection, isolation and 
identification (the fault magnitude estimation). 
The model based fault diagnosis compares the current states of the 
systems with the theoretical optimal values simulated by the model itself. 
In case a significant discrepancy is detected, the existence of a fault is 
assumed. The use of measurements and the corresponding model output 
variables allow to isolate the faults and in some cases to determine their 
magnitudes. An option could consist in implementing different sensors in 
the system in order to detect any deviation from nominal operating 
conditions [5]. However, such approach is problematic for stack and system 
designers since any addition in system complexity increases costs and 
reduces reliability. In real systems, there are practical limitations to the 
number of sensors that can be incorporated. Therefore, diagnosis methods 
that do not add complexity to the system are needed. 
Another approach may be to use the SOFC individual cell voltage 
responses to estimate their state of health in real time. Nevertheless, the 
behavior of a fuel cell system is rarely predictable, since a certain degree 
of variability is often present in operating conditions, system inputs, 
physical and/or chemical internal processes.  A cell voltage decrease can 
for instance indicate a potential poisoning, a cell leakage, a clogged blower, 
etc… Commands can therefore be sent by the controller to the subsystem 
units in order to account for these problems. Therefore, it is necessary to 
develop a continuous monitoring of devices for detection and diagnosis that 
could be either used as On Board Diagnostic or as "off-line" diagnosis. In 
the former case, the tool will send an alarm in order to guarantee installation 
safety and the respect of regulations, on the basis of the on-line monitoring 
of variables easy to measure, such as voltage, electric current, temperature. 
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1.4 - Hydrogen and syngas generation 
 
Starting from the sixties of last century, the technologies for the production 
of energy from fossil fuels had a transition to a new era where the reduction 
of pollutant was important. This shall be addressed to the fact that 
combustion of fossil fuels produces high quantities of carbon dioxide and 
also many chemical species, some of which are toxic for many living 
organisms. In this scenario, natural gas has gained a position of great 
importance because of its abundance [9]. Nowadays, increasing efforts are 
devoted to the development of efficient technologies to exploit the existing 
resources of natural gas, which consists mainly of methane. In fact, 
according to the International Energy Agency (IEA) the world’s energy 
demand from natural gas, which consists mainly of methane, is expected to 
increase by 30-40% in a 25 years perspective. Even though the world has 
large deposits of natural gas, most is located in remote areas and 
consequently it must be transported across vast areas to reach its market 
with high cost of storage and transportation. Therefore, the conversion of 
methane to more useful and easily transportable chemicals, such as 
hydrogen/synthesis gas and finally transportable liquids, has been given 
high priority by scientists.  
The hydrogen production from hydrocarbons is not direct, but 
always goes through a first, intermediate stadium known as synthesis gas 
(syngas), containing hydrogen and an appreciable amount of carbon 
monoxide (CO), that shall be in a second step converted in hydrogen by 
means of water gas shift reaction [8]. 
Synthesis gas  is a very interesting intermediate product in the 
chemical industry used for a variety of important processes such as 
ammonia and methanol synthesis, and can be produced from various fossil 
sources, such as natural gas, naphtha, residual oils, coke from petroleum 
and coal. Synthesis gas can then be converted to paraffin liquid fuels 
through Fischer-Tropsch reaction on Fe, Co, Ru and similar metals, or to 
methanol over Cu/ZnO and then to gasoline by MTG (Methanol-to-
Gasoline) process over zeolite catalyst [17]. Synthesis gas is also used for 
the production of methanol, dimethyl ether, acetic acid and oxoalcohols. 
Moreover, the synthesis gas is an energy carrier from which hydrogen is 
often produced.   
Hydrogen is the lightest chemical element and offers the best energy 
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to weight ratio of any fuel. The major drawback to using hydrogen is that 
it has the lowest storage density of all fuels. However, it is possible to store 
large quantities of hydrogen in its pure form by compressing it to very high 
pressure and storing it in containers designed and certified to withstand the 
pressures involved. With these properties, it can either be stored as a gas or 
cooled down to its critical point to be stored as a liquid. Hydrogen can also 
be stored in solid form, in chemical combination with other elements (there 
are a number of metals which can 'absorb' many times their own weight in 
hydrogen). The hydrogen is released from these compounds by heating or 
the addition of water. Among alternative storage mediums investigated, 




1.5 - Hydrogen production in fuel cell systems 
 
 
Hydrogen is most economically produced from fossil fuels through one of 
the following reforming reactions [11]:  
 
 steam-methane reforming (SMR): Fuel is mixed with steam in 
the presence of a base metal catalyst to produce hydrogen and 
carbon monoxide. This method is the most well-developed and 
cost-effective for generating hydrogen and is also the most 
efficient, giving conversion rates of 70% to 80% on a large scale. 
The key challenge in steam reforming is that heat must be 
transferred from an external source through the reactor walls and 
throughout the catalyst bed to provide energy for the strongly 
endothermic reaction. To achieve complete conversion, reforming 
temperatures of 700 °C or higher are required. In addition, another 
challenge of steam reforming of liquid hydrocarbon fuels is the 
carbon formation. Molar steam-to-carbon ratios (S/C) of 2-3 or 
sometimes higher are typical for conventional steam reformers. 
 
 partial oxidation (POx): Partial oxidation can be used for 
converting methane and heavier hydrocarbons, whereas is rarely 
used for alcohols. This method involves the reaction of the 
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hydrocarbon with oxygen to yield hydrogen, and produces less 
hydrogen for the same amount of fuel than steam reforming. The 
reaction is, however, exothermic and therefore generates heat. This 
means that the reaction can be initiated by a simple combustion 
process leading to quick start-up. Once the system is running, it 
then requires little external heating to keep the reaction active. This 
technology is preferred where there is no water source available 
and for small scale systems. 
 
 autothermal reforming (ATR): Autothermal reforming 
combines the endothermic steam reforming process with the 
exothermic partial oxidation reaction, therefore balancing heat 
flow in and out of the reactor. These systems can be very 
productive, fast-starting and compact, and have been demonstrated 
with methanol, gasoline and natural gas. A number of automotive 
and oil companies are also working on proprietary versions of this 
technology. 
 
Conventional steam-reforming technology is not suited for 
decentralized synthesis gas production, because steam reformers are large, 
expensive plants difficult to be scaled down for small-scale operation in 
remote areas. Figure 1.4 is showing a typical industrial steam reforming 
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An alternative to steam reforming is the catalytic partial oxidation, 
which has received a considerable attention during the last 15 years. 
Indeed, it provides close to 100% methane conversion and syngas yields 
over 90% in a very fast reaction (millisecond contact times) carried out at 
high temperatures. Since the catalytic partial oxidation is quick and 
exothermic, it is suitable to realize compact reformers, which have a rapid 
response to transient load demands. These aspects make this process 
suitable for installation in remote areas and also for all stationary and 
mobile applications related to the recent development of a small-to medium 
scale technology for the production of syngas and H2. Potential stationary 
applications include the production of H2-rich steams for the fuelling of 
hydrogen-driven vehicles or residential cogeneration systems, but also for 
the enhancement of gas turbines performances through the development of 
H2 stabilized combustors. On board applications deal with the use of solid 
oxide fuel cells for auxiliary power units (APUs) on heavy duty vehicles to 
supply power to auxiliary cab devices and trailers (cryogenic circuits). On-
board generation of syngas may also be applied on conventional ICE 
vehicles to speed up the cold-start phase of catalytic converters and to serve 
as reducing gas for NOx trap regeneration and for the SMR of NOx. 
In table 1.1, a summary of the features of steam reforming, catalytic 
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Hydrogen can be also produced through the electrolysis of water, 
namely the splitting of water into its elements (fig. 1.5). This process takes 
place in an electrolyser, which can be described as a 'reverse' fuel cell: 
instead of combining hydrogen and oxygen electrochemically to produce 
electricity and water as a fuel cell does, an electrolyser uses electrical 
current and water to generate hydrogen and oxygen. 
 
Figure 1.5- Electrolysis scheme 
 
The key issue here is the source of the electrical current. If grid 
electricity is used, the hydrogen has a carbon footprint associated with it 
due to the coal or gas that must be burnt to produce the necessary electricity. 
However, if the electricity is obtained from renewable energy such as wind 
or solar power, the hydrogen can be produced in a completely carbon-free 
way. Indeed, many commercial versions of “green” electrolysers of various 
capacities are available on the market. A discrete number of companies is 
currently pushing to promote their spread in the market, in combination 
with wind or solar power, to produce hydrogen for fuel cells. 
Another type of reforming is known as dry reforming, or CO2 
reforming. This reaction can be carried out if there is no source of steam 
available and is defined as through the following [11]: 
 
CH4 + CO2 → 2CO + 2H2 [ΔH = 247 kJ mol−1] [1.1] 
 
This reaction may occur in internal reforming fuel cells when anode 
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exhaust gas containing carbon dioxide and water is recycled to the fuel cell 
inlet. 
Mixed reforming is sometimes refers to a hybrid approach in 
which both steam and CO2 are used to reform the fuel. Both dry and mixed 
reforming have energy and environmental advantages compared with 
traditional steam reforming. The reactions are catalyzed by nickel, however 
deactivation due to carbon formation and nickel sintering can be 
particularly severe, and better catalysts are required.  
An alternative to all the above methods of generating hydrogen is 
to simply heat hydrocarbon fuels in the absence of air (pyrolysis or 
thermal cracking) [47]. The hydrocarbon ‘cracks’ or decomposes into 
hydrogen and solid carbon. The process is ideally suitable for simple 
hydrocarbon fuels, otherwise various by-products may be formed. The 
advantage of thermal cracking is the high purity of the produced hydrogen. 
The challenge is the removal of carbon that might have formed during the 
reaction. This can be done by switching off the supply of fuel and admitting 
air to the reactor to burn off the carbon as carbon dioxide (see section 2.6.2). 
The principle is simple, but there are real difficulties or issues, among 
others the safety implications of admitting fuel and air into a reactor at high 
temperature. Moreover, the control of the pyrolysis is critical to limit the 
carbon deposition, which can cause irreversible damages on the catalyst. 
The carbon formation may occur in absence of catalyst as well; in this case, 
carbon may plug the reactor, meaning that no flow of oxidizing gas can be 
established to burn off the deposited material. Despite these substantial 
problems, pyrolysis is being considered seriously as an option for some fuel 
cell systems. Cracking of propane has been proposed recently to provide 




1.6 - Fuel Reforming for FC applications 
 
For fuel cell applications, hydrogen can be generated by reforming 
hydrocarbon fuels such as natural gas, methanol, gasoline or ethanol. These 
are not necessarily fossil fuels; reforming of bio-ethanol, for instance, is 
equally possible and this would be a source of renewable hydrogen as well 
[8, 13]. 
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Fuel processing may be defined as the conversion of the raw 
primary fuel, supplied to a fuel cell system, into the fuel gas required by 
the stack. Each type of fuel cell stack has some particular fuel requirements, 
more stringent when the stack operates at low temperatures. For example, 
fuel fed to a Phosphoric Acid Fuel Cell (PAFC) needs to be hydrogen-rich 
with less than 0.5% carbon monoxide. The fuel fed to a PEM fuel cell needs 
to be essentially carbon monoxide free, while both the Molten Carbonate 
Fuel Cell (MCFC) and for the SOFC are capable of utilizing carbon 
monoxide as fuel through the water-gas shift reaction that occurs within the 
cell. Additionally, differently from PAFC and PEM, SOFC and internal 
reforming MCFC can utilize methane within the fuel cell themselves.   
Natural gas and petroleum liquids contain organic sulphur 
compounds that normally have to be removed before any further fuel 
processing can be carried out. In the case of natural gas, the only sulphur 
compounds may be the odorants that are added to the fuel stream by the 
utility company for safety reasons. Sulphur is a well-known catalyst poison 
and, besides the reforming reactor, can easily deactivate the electrodes of 
all types of fuel cells. Experimental measurement confirm that the catalysts 
deactivation can occur even if sulphur levels in fuels are below 0.2 ppm. In 
the particular case of PEM fuel cells, it has been demonstrated that levels 
of only 1 ppb is enough to permanently poison a PEM anode catalyst. 
Therefore, sulphur needs to be removed from the inlet stream before the 
fuel gas flows to the reformer or stack. Desulphurisation will not be 
detailed in this work as it is assumed that reforming processes always occur 
with desulphurized gas; it is sufficient to highlight that desulphurization is 
a well-established process required in many situations, not just for fuel 
cells.  
Considerable research has been carried out in the field of fuel 
processing and reviews of the key technologies are available in literature 
[11]. The following sections are intended to provide a basic explanation of 
the various technologies and related involved materials (e.g. reactors 
catalysts and supports), focusing on the catalytic partial oxidation, main 
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1.6.1 - Catalytic Partial Oxidation for FC systems 
 
The CPOx is widely used in fuel cell, in particular in molten carbonate fuel 
cells (MCFC) and in solid oxide fuel cell (SOFC), because these types of 
cells run on a mixture of hydrogen and carbon monoxide and they have 
resistance to poisoning by impurities in the fuel. Thus, in both cases it is 
possible to operate the cell directly on hydrocarbon fuel without the need 
of a system to remove all traces of CO.  
A single solid oxide fuel cell consists of three main components: an 
anode, a cathode and a solid electrolyte separating the two electrodes. A 
fuel cell stack consists of many fuel cells, with interconnects that connects 
the cathode to the anode of the next cell. A gaseous, hydrogen-rich fuel is 
fed to the anode (negative electrode) compartment and an oxidant is fed to 
the cathode (positive electrode) compartment. As shown in figure 1.6, 
under electrical load, at the cathode surface the presence of the catalyst 
enables oxygen ionization. The solid electrolyte permits the flux of oxygen 
ions to the anode, where they electro-oxidize hydrogen, thus releasing heat, 
water and electrons [2, 6]. Since electrolyte material ensures quasi-zero 
electronic conductivity, electrons are forced to flow through interconnect 
and external load towards the cathode, thus closing the electrical loop. The 
theoretical maximum efficiency is very high, in excess of 80%. The SOFC 
operates at high temperature, conventionally between 800-1000°C.  
 
 
Figure 1.6: Operating principle of a solid oxide fuel cell. 
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In small-scale devices developed for stand-alone or remote 
applications, oxygen or air is used as oxidant rather than steam to convert 
the fuel in syngas. Indeed, the cost and the complexity associated with 
using large quantities of steam are extremely high, making this system less 
suitable in small-scale applications. On the other hand, the use of the 
oxygen, or air, is much simpler and cheaper in terms of configuration and 
manufacturing [13, 14]. As mentioned before, the CPO reactor is compact 
and of simple installation, and in fact it is adapt for small scale fuel cell 
applications, such as residential µCHP and small auxiliary power unit 
(APU). 
However, when dealing with a catalytic partial oxidation, there is a 
drop in the efficiency due to the large energy loss in oxidizing the 
hydrocarbon. Moreover, if excess air is used, a tendency towards a 
complete oxidation can occur, then consuming all the available oxygen that 
is converted to H2O. An advantage of CPOx it the possibility to reform the 
fuel during all the FC operating range, even at low load. This could not be 




1.6.2 Internal and external reforming in fuel cell systems 
 
As mentioned above, the reforming in fuel cell systems can take place 
either outside of the fuel cell stack or inside the stack itself. 
The external reforming is carried out before the fuel reaches the stack cells, 
in a proper reactor, as shown in figure 1.7. This is the standard 
configuration for most of the fuel cell systems manufacturer, as it requires 
less engineering efforts and is extremely easy to implement. The main 
advantage is the possibility to keep the reforming section and the stack 
separated, such that no common faults can occur. On the other hand, this 
solution entails higher costs and lower overall system efficiency respect to 
the internal reforming solution [8, 23]. 
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Figure 1.7: External reforming CPOx in tubular SOFC system 
 
In external reforming configuration, the reactor can be located in different 
positions respect to the fuel cell stack: it can be placed either inside the fuel 
cell module (integrated Hot Box) or within the BoP. For some applications, 
external reforming is carried out upstream the SOFC system, at a refinery 
or chemical plant, and the hydrogen is then delivered by pipeline to filling 
stations.  
The internal reforming occurs for high temperature systems such as 
molten carbonate and solid oxide fuel cells, where it is possible to supply a 
hydrocarbon (e.g. natural gas or methanol) directly to the fuel cell without 
prior reforming. The high temperature allows the reforming stage to take 
place within the fuel cell itself. For SOFC systems, internal reforming is an 
attractive option offering a significant cost reduction, higher efficiencies 
and faster load response respect to the traditional external reforming. 
However, complete internal reforming may lead to several problems which 
can be avoided with partial pre-reforming of natural gas. This is the reason 
why in practice, some preliminary reforming or purifying of the fuel is 
often carried out. 
Fuel cell developers have asserted for many years that the heat 
required to sustain the endothermic reforming of low molecular weight 
hydrocarbons (e.g. natural gas) can be provided by the electrochemical 
reaction inside the stack [7]. This has led to various effective internal 
reforming concepts that have been applied to both SOFC and MCFC, due 
to their high operating temperatures. This is confirmed by the technology 
progress related to the fuel reforming techniques, shown in figure 1.8. The 
present trend is to bring the reforming reaction inside the stack and 
investigate its benefits. 
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Figure 1.8: Technology progress for reforming methods in fuel cells 
 
It is worth remarking that the internal reforming reactions may be 
of any type according to the FC operating conditions (temperature, stack 
current, H2O generated by the stack); in some cases, catalysts may be added 
to the anode compartment of SOFC to enhance the occurrence of reforming 
reaction. Thus, steam reforming, CPOx and autothermal reforming 
reactions can take place either independently or simultaneously.  
In case of steam reforming, in contrast to the endothermic nature of 
this reaction, the fuel cell reactions are exothermic, mainly because of heat 
production in the cell caused by internal resistances. The overall heat 
production is about twice the heat consumed by the steam reforming 
reaction in an internally reforming fuel cell. Hence, the cooling required by 
the cell, which is usually achieved by flowing excess air through the 
cathode in the case of external reforming systems, will be much smaller for 
internal reforming systems. This has a major benefit on the electrical 
efficiency of the overall system. The other main advantage of internal 
reforming is the reduced reforming system cost, since an external reformer 
is not needed.  
Developers of internal reforming fuel cells have generally adopted 
two approaches, usually referred to as indirect (IIR) and direct (DIR) 
internal reforming, even if in some cases, a combination of both approaches 
has been carried out [11]. Figure 1.9 illustrates the schemes for direct and 
indirect internal reforming in fuel cells. 
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Figure 1.9: Direct and Indirect internal reforming in fuel cells 
 
The Indirect internal reforming, also known as integrated reforming, 
involves conversion of methane by reformers positioned in close thermal 
contact with the stack. An example of this type of arrangement alternates 
plate reformers with small cell packages. The reformate from each plate is 
fed to neighboring cells. IIR benefits from close thermal contact between 
stack and reformer but suffers from the fact that heat is transferred well 
only from cells adjacent to the reformers. In addition, steam for the 
reforming must be supplied separately. A variation of this type of 
arrangement locates the reforming catalyst in the gas distribution path of 
each cell. With IIR, the reforming reaction and electrochemical reactions 
are separated [30]. 
In direct internal reforming (DIR), the reforming reactions are 
carried out within the anode compartment of the stack, taking advantage 
from the steam generated by the electrochemical fuel cell reaction [84]. 
This is achieved by placing the reforming catalyst within the fuel cell 
channels and injectors or directly over the anode layer. A similar layout is 
easily achievable with tubular fuel cells, where the catalyst is deposited 
over the anode surface ant its large area allows the development of the 
reforming reaction without need of an external reactor. Indeed, the most 
significant example of DIR can be found in the Acumentrics tubular SOFC 
(section 2.2.4). The advantage of DIR is that it offers both good heat 
transfer and chemical integration, as the product steam from the anode 
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electrochemical reaction can be used for the reforming without the need for 
recycling spent fuel. The main drawback is the management of the 
temperature gradients and the mechanical and thermal design of the stack, 
which can be highly demanding and time-consuming.  Finally, it is 
important to notice that internal reforming may be applied to several 












Reforming systems: state of the art 
 
In the following sections a description of the three main reforming 
mechanisms mentioned in chapter 1, namely steam reforming, catalytic 
partial oxidation and autothermal reforming, is given. For each method, the 
reactions involved, the main operating parameters and the pros and cons 
are investigated. Moreover, the thermodynamic and kinetics aspects of the 
reaction mechanisms are analyzed, with particular focus on the CPOx 
reforming, which is the topic of this thesis. For this technique, an analysis 
of reactor catalysts and supports typically used for fuel cell application is 
carried out. In conclusion, an investigation of the catalyst deactivation 
phenomena likely to occur during reforming reactions is reported.  
 
2.1 - Steam Reforming (SR) 
 
The first description of a process for the conversion of hydrocarbons with 
steam was described in 1868 by Tessie du Motay e Marechal using CaO as 
a medium, resulting in the formation of CaCO3 and hydrogen [12]. In 1890 
Mond and Langer improved the process by using a nickel catalyst; the first 
industrial application with methane was developed in 1930. Steam 
reforming technology was subsequently used, in combination with Fisher-
Tropsch technology, by Germany during world war II and South Africa 
during the embargo era for the synthesis of chemical such as fuels and 
alcohols [11]. Nowadays, steam reforming is a mature technology, 
practiced industrially on a large scale for hydrogen production, and several 
detailed reviews of the technology have been published: Van Hook [80], 
Rostrup–Nielsen [81], while useful data for system design are provided by 
Twigg (1989) [82]. The basic reforming reaction for a generic hydrocarbon 
CnHm is: 
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CnHm + nH2O =n CO +(m/2+n)H2                                                                                                   (2.1) 
 
 
if methane is considered as inlet fuel, the reaction becomes: 
 
CH4 + H2O = CO + 3H2                                    ΔH0 298 = 206,2 kJ/mole (2.2) 
   
CO + H2O = CO2 + H ΔH0 298 = - 41,2 kJ/mole                                         (2.3) 
 
 
The reforming reactions (2.1 and 2.2), more correctly defined oxygenolysis 
reactions, and the associated water-gas shift reaction 2.3 are carried out 
normally over a supported nickel catalyst at elevated temperatures, 
typically above 700 °C. In most cases, and certainly with natural gas, the 
steam reforming reactions are endothermic, that is, heat needs to be 
supplied to drive the reaction forward to produce hydrogen. For the 
medium and high temperature fuel cells, heat required by the reforming 
reactions can be provided, at least in part, from the fuel cell itself in the 
form of exhaust heat; in particular for the SOFC, heat is available from the 
fuel cell exhaust gases at higher temperatures. SOFC stacks are also hot 
enough to allow the basic steam reforming reaction (equation 2.1-2.2) to 
occur within the fuel cell stack [11]. Furthermore, the steam needed for the 
reaction is also present in the fuel cell, because the product water from the 
electrochemical reaction appears at the cell anode.  
If all this heat is used to promote the reforming reactions (especially 
when reforming is carried out inside the stack), then the efficiency of these 
fuel cells can be much higher (typically >50% ref. HHV). The scheme of 
a typical steam reforming process is shown in figure 2.1. 
 




Figure 2.1 – Flowchart of a standard steam reforming process 
 
Reactions 2.2 and 2.3 are reversible and normally reach equilibrium over 
an active catalyst, as at such high temperatures the rates of reaction are very 
fast. The water gas shift reaction 2.3 reduces the CO content of the gas by 
converting it into CO2. The combination of the two reactions produces a 
mixture of carbon monoxide, carbon dioxide, and hydrogen, together with 
unconverted methane and steam. For some applications, the CO reduction 
achieved through the water gas shift reaction might not be sufficient. 
Indeed, even if water-gas shift reaction takes place at the same time of the 
basic steam reforming reaction, thermodynamics of the reaction are such 
that higher temperatures favor the production of carbon monoxide and shift 
the equilibrium to the left (K = -4.35). An effective method for reducing 
the carbon monoxide content of a steam reformed gas stream is to use one 
or more shift reactors [7]. The first approach is thus to cool the product gas 
from the steam reformer and to pass it through a reactor containing catalyst, 
which promotes the shift reaction. This has the effect of converting carbon 
monoxide into carbon dioxide. Depending on the reformate composition, 
more than one shift reactor may be needed to reduce the carbon monoxide 
level to an acceptable level. 
There are also some methods for removing the CO2  produced by 
the steam reforming in order to maximize the hydrogen gain: the most 
known are Pressure Swing Adsorption (PSA) and scrubbing with 
ammine [11,82]. In the PSA process, the reformer products gas flows 
through a reactor containing absorbent material. Hydrogen gas is 
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preferentially absorbed on this material. After a set time, the reactor is 
isolated and the feed gas is diverted into a parallel reactor. At this stage the 
first reactor is depressurized, allowing pure hydrogen to desorb from the 
material. The process is repeated and the two reactors are alternately 
pressurized and depressurized. PSA is used in the Hyradix fuel processor 
developed by Eden Energy Ltd. 
It is therefore clear that steam reforming process is strongly energy 
consuming and complex, and high costly alloys are commonly used for 
catalysts and reactor in order to sustain the high operating temperatures. 
The steam reforming, in industrial practice, is carried out at 900°C at the 
pressure of 15-30 atm in a fired tube reformers, which with catalyst filled 
tubes placed in the radiant part of the heater (nickel supported on oxide 
carrier, typically Al2O3 or ZrO2) [15]. The superficial contact time is 0.5-
1.5 s, which corresponds to residence times of several seconds. The 
methane conversion, in steam reactions, is typically in the order of 90-92%, 
with a synthesis gas composition similar to that determined by 
thermodynamic equilibrium [18]. The principal disadvantages of the steam 
reforming is that only the 35-50% of the total energy input, given by 
external combustion of the fuel gas, is absorbed by the reforming process. 
Therefore, the heat of fuel gas is usually used in the convective part of the 
reformer by preheating the feedstock and generating steam, thus bringing 
the overall thermal efficiency over 85%. [9] 
Many reforming systems for small scale applications, such as 
µCHP, are available in the market. Acumentrics has developed a relatively 
simple steam generator capable of providing the required steam using the 
cathode air leaving the stack. It consists of a finned tubes reactor with 
internal baffles and distribution fittings to achieve steady steam generation 
of sufficiently high quality. A super-heater section can also be added if 
necessary. The steam generator is located in the stack cathode exhaust and 
the super-heater is located in the cathode inlet to the stack, directly 
downstream of the startup burner. Figure 2.2 shows photographs of the 
equipment configuration. 
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Figure 2.2: Steam generator configuration 
 
The water required for the reforming can be obtained from suitably filtered 
potable water or from recovered condensate from the fuel cell offgas or 
from the condensing boiler.  
 
 
2.1.1 - Operating Parameters 
 
The actual composition of the products from the reformer is then governed 
by three main operating parameters: 
 
- the temperature of the reactor (product outlet temperature) 
- the reactor operating pressure 





𝑚𝑜𝑙𝑎𝑟 𝑓𝑙𝑜𝑤𝑟𝑎𝑡𝑒 𝑜𝑓 𝑠𝑡𝑒𝑎𝑚
𝑐𝑎𝑟𝑏𝑜𝑛 𝑚𝑜𝑙𝑎𝑟 𝑓𝑙𝑜𝑤𝑟𝑎𝑡𝑒 𝑖𝑛 𝐶𝐻4
 
 
indicating the composition of the feed gas and the proportion of steam fed 
to the reactor.  
Graphs and computer models using thermodynamic data are 
available to determine the composition of the equilibrium product gas for 
different operating conditions.  
It is important to note that although the water gas shift reaction 2.3 
occurs at the same time as steam reforming, it is generally exothermic and 
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promoted at lower temperatures, where the production of CO2 and H2 is 
favored. On the other hand, at high temperatures the formation of CO2 and 
H2 is not promoted, whereas the yield of CO and H2O according to reaction 
2.2 is enhanced. It is worth recalling that steam reforming is not always 
endothermic, it depends on the fuel. For example, in the case of steam 
reforming of a petroleum hydrocarbon such as naphtha, the reaction shall 
be carried out at relatively high temperatures. Indeed, in the case of naphtha 
at low temperature the reaction may become exothermic (liberates heat). 
This is because as the temperature is lowered, the reverse of reaction 2.2, 
namely, the formation of methane,  becomes favored and starts to dominate.  
 
 
CO + 3 H2  → CH4 + H2O                        ΔH0 298 = - 206.2 kJ/mol                                                  (2.4) 
   
CO2 + 4 H2 → CH4 + 2H2O                     ΔH0 298 = - 165 kJ/mol                                                     (2.5)
 
Natural gas reforming will invariably be endothermic, and heat 
must be supplied to the reformer at sufficiently high temperature to ensure 
a reasonable degree of conversion. Thereby, if the reforming of naphtha is 
carried out at low temperatures (up to 500–600 °C), then the reactions will 
tend to yield greater concentrations of hydrogen and the need for external 




2.1.2 - Thermodynamic analysis 
 
The thermodynamic analysis of steam reforming process is useful to 
identify the most favorable operating conditions at which methane may be 
converted into hydrogen.   
Seo et al. [8] carried out a thermodynamic analysis, based on 
simulation through the code Aspen Plus and validated with experimental 
data, aimed to detect the effect of reforming input conditions on the reaction 
efficiency and output. In particular, for steam reforming the influence of 
steam to carbon ratio and reactor temperature on the final methane to 
hydrogen conversion was examined. Both reactant and product reactions 
were considered at the equilibrium; the  reaction products are CH4, CO, H2, 
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C, H2O, CO2, while the radicals that could be produced in the reforming 
reaction were found to be negligible with respect to the main species.  
Fig. 2.3 shows the effect of reactor temperature on molar fraction of the 
reforming products, pointing out the area where the coke formation is likely 
to occur. It is evident that higher temperatures promote hydrogen 
formation, however reactor temperatures shall not be higher than 850°C in 
order to not affect the thermal durability of the catalyst, resulting in a 
maximum conversion rate of 0.99.  
Fig. 2.4 reports the equilibrium composition with respect to the S/C 
ratio. The simulation shows that, depending on temperature, the conversion 
is improved as the S/C ratio increases, with H2 concentration raising and 
CO lowering. Moreover the energy cost of the reactor for this extra steam 
generation grows, thereby the choice of S/C ratio must carefully evaluate 
both aspects.  
The simulation indicates that for a reactor temperature of 700°C the 
S/C should be maintained higher than 2.5 for achieving a conversion of 
0.95, while for a temperature of 800°C the conversion is greater than 0.95 
starting from S/C ratio of 1.2. Experiments have confirmed that a steam 
reformer reactor running on natural gas and operating at atmospheric 
pressure with an outlet temperature of 800°C produces a gas comprising 
some 75% hydrogen, 15% carbon monoxide, and 10% carbon dioxide on a 
dry basis. 
Despite to CPOx reaction, the equilibrium composition in steam 
reforming reactor is independent from the pre-heat temperature of the 
reactants, because the reactor temperature and the steam generation are 
determined by an external heat transfer.  
 





Figure 2.3: effect of reactor temperature (with S/C ratio=1) on the equilibrium 
composition of a SMR reactor [8] 
 
 
Figure 2.4-effect of S:C ratio  on the equilibrium composition of a SMR  reactor T 
= (− − −) 600°C; (-· - · -) 700°C; (----) 800°C [8] 
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The effect of varying the pressure on the equilibrium composition and 
conversion in a SMR reactor is shown in figure 2.5.  
 
 
Figure 2.5: effect of the pressure on the equilibrium composition and conversion of 
a SMR  reactor 
(T= 700°C, S/C=1) [8] 
 
As the pressure is increased, the conversion and the mole fraction 
of H2 and CO are rapidly reduced. According to reaction 2.2, there are three 
molecules of hydrogen and one molecule of carbon monoxide produced for 
every molecule of methane reacted. According to Le Chatelier’s principle, 
the equilibrium is moved to the right (i.e. in favor of hydrogen) if the 
pressure in the reactor is kept low. Increasing the pressure will favor 
formation of methane, since moving to the left of the equilibrium reduces 
the number of molecules.  
These results demonstrate that is desirable to keep the pressure of 
the SR reactor as low as possible. The effect of pressure on the equilibrium 
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2.2 - Partial oxidation (POx) and Catalytic partial 
oxidation (CPOx) 
 
Several studies have been performed with the objective of reducing the 
steam production in large reactors, this because of its big costs and 
complexity [19, 20, 24, 25, 26, 27]. As an alternative to steam reforming, 
methane and other hydrocarbons may be converted to hydrogen via partial 
oxidation, through the reaction: 
 
CH4 + 0.5 O2 = CO + 2H2                                                            [ΔH = −37 kJ/ mol] (2.6) 
 
Figure 2.6 represents the thermodynamic scheme of the partial 
oxidation of methane, indicating the reactions involved when considering 
both direct and indirect mechanisms described in section 2.2.1. 
 
 
Figure 2.6: Thermodynamic representation of the partial oxidation of methane 
 
Reaction 2.6 is effectively the summation of the steam reforming 
and oxidation reactions, according to the indirect mechanism described in 
section 2.2.1.2. About half the fuel entering the reactor is total oxidized 
through combustion reaction: 
 
CH4 + 2 O2 = CO2 + 2H2O (2.7) 
 
to provide heat for the endothermic steam reforming reaction, that occurs 
until thermodynamic equilibrium is met.   
The reaction 2.6 is slightly exothermic, therefore can be performed either 
with or without the catalyst. In absence of catalyst, the reactor temperature 
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must be sufficiently high to reach the total conversion of methane (typically 
1200–1500 °C), leading to high temperature of the gas at the outlet (1000-
1100 °C). In this case the advantage of non catalytic processes is that 
materials such as sulphur compounds do not need to be removed; although 
the sulphur has to be removed anyway for fuel cell application before 
entering the stack [7]. High-temperature partial oxidation can also handle 
much heavier petroleum fractions than catalytic processes and is therefore 
attractive for processing diesels, logistic fuels, and residual fractions. Such 
high-temperature partial oxidation has been carried out on a large scale by 
several companies but it does not scale down well, and the control of the 
reaction is critical. If the temperature is reduced, and a catalyst used, then 
the process is defined as catalytic partial oxidation (CPOx). 
Catalytic partial oxidation has recently received particular attention 
because it is one of the most attractive technologies for the production of 
syngas and hydrogen in small to medium scale [9]. Indeed CPOx can be 
carried out in compact reactors with rapid dynamic response and with low 
heat capacity, which is ideal for mobile and stationary small scale 
production of syngas. Besides, the catalytic partial oxidation has 
thermodynamic advantages with respect to a steam reforming process [7, 
14, 17, 40], as reported below: 
 
1. The reaction is mildly exothermic (ΔH0 298 = -37 kJ mol-1 to 247 kJ 
mol-1, depending on the air/carbon ratio), while steam reforming is 
highly endothermic (ΔH0 298 = 206 kJ mol-1). Thus, a partial 
oxidation reactor requires less heat. The reaction takes place in one 
stage only, differently from steam reforming, and is faster, this 
means having higher flow rate in smaller reactors and lower startup 
times.  In addition, it can be combined with endothermic reactions, 
such as steam reforming or dry reforming with carbon dioxide, to 
make this processes more energy efficient. 
 
2. This technology avoids the need for large amounts of expensive 
superheated steam, thereby saving costs for the management of the 
excess H2O. The media required for the reforming reaction is 
oxygen or air, which is easily available also for residential 
application. Moreover, as recalled in previous sections and 
remarked below, CPOx reaction is more suitable for small-scale 
applications, where reduced size and low complexity are preferred.  
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The main disadvantage of partial oxidation is that it produces less 
hydrogen per molecule of methane than steam reforming. This means that 
partial oxidation (either non-catalytic or catalytic) is usually less efficient 
than steam reforming for fuel cell applications [7]. Furthermore, the 
catalytic partial oxidation may produce hot spots in the reactor inlet section, 
which can deactivate the catalyst [21]. Another drawback of partial 
oxidation is when air is used as the oxidant, as this lowers the partial 
pressure of hydrogen at the reactor outlet because of the presence of the 
nitrogen. Though air can guarantee the autothermal operation and is 
desirable in small scale applications, for SOFC systems this causes a 
reduction of the Nernst potential of the cell, in turn resulting in a decrease 
of system efficiency. However, an oxygen separation process, which is also 
costly, may be required in the cases where nitrogen is undesirable in high-
pressure downstream processes.  
Despite these negative features, the key advantage of partial oxidation 
is that it does not require steam. This mainly means that CPOx is free-
standing and independent of external water source and heating devices. It 
may therefore be considered for applications in which system simplicity is 
regarded as more important than high electrical conversion efficiency, as, 
for example, small-scale cogeneration, also known as micro-cogeneration, 
automotive, or for all cases where the steam reforming is not easily 
applicable (e.g. with liquid hydrocarbons, being here the heating and steam 
mixing phases more critical).  
The image of a standard CPOx reactor installed in a tubular fuel cell 
module is shown in figure 2.7. 
 
 
Figure 2.7: Image of a CPOx reactor used in a µCHP application [38] 
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2.2.1 - Reaction Mechanisms  
 
The mechanism for the catalytic partial oxidation of methane to synthesis 
gas has been the subject of a debate which to date is still not completely 
settled. Two distinct mechanisms have been proposed for explaining the 
formation of syngas [9]. The more relevant supporters of each process have 
been Prettre [23] for the indirect mechanism and Schmidt [14,21] for the 
direct one.  
 
2.2.1.1 Direct oxidation mechanism 
 
This mechanism, also called pyrolisis-oxidation, assumes that H2 and CO 
are primary reaction products formed in the oxidation zone at the catalyst 
entrance, where also a dissociative adsorption of CH4 with the formation 
of carbon and hydrogen species occurs [9]. Then surface carbon reacts with 
surface oxygen to CO and hydrogen atoms combine to H2. So the basic 
reactions are:  
 
CH4 = CS + 4HS (2.8) 
  
CS + OS = CO                                                                                                                                   (2.9)
  
HS + HS = H2                                                                                                                                  (2.10)
 
 
The by-products CO2 and H2O are formed by the combustion between 
oxygen and H2 and 
CO, but also for the reaction of methanation: 
 
H2 + 0.5 O2 = H2O                                                                                                                         (2.11)
  
CO + 0.5 O2 = CO2    (2.12) 
 
The main evidence to confirm the direct path is the observation of syngas 
at extremely short time with unreacted O2. H2O and CO species are in this 
case interpreted as non-selective oxidation products. 
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Schmidt et al. [14, 21, 22, 32] have studied the direct oxidation of methane 
to CO and H2 at high temperatures over platinum and rhodium catalysts 
deposited on alumina based monolithic supports. The experimental results 
were then compared with those given by a model built according to the 
elementary steps of direct oxidation. Their conclusion was that direct 
partial oxidation of methane to CO and H2 occurs through pyrolysis, and 
the CH4 adsorption over catalyst surface does not inhibit the dissociation 
of hydrogen, but excludes the possibility that the following reaction can 
take place: 
 
CHx + O → CHx-1 + OH (2.13) 
 
With related formation of H2O through reaction:  
 
H + OH = H2O (2.14) 
 
This is confirmed by the high selectivity achievable with the used catalysts. 
 
 
2.2.1.2 Indirect oxidation mechanism 
 
This mechanism, also called combustion-reforming, postulates the 
presence of two zones: strongly exothermic CH4 combustion at the catalyst 
entrance, followed by strongly endothermic H2O and CO2 reforming with 
not reacted methane downstream. In this reaction mechanism, the primary 
products are steam and CO2, while the synthesis gas is the secondary 
product. Hence the reactions involved are: 
 
CH4 + 2 O2 = 2 H2O + CO2 (2.15) 
  
CH4 + H2O = CO + 3H2 (2.16) 
  
CO + H2O = CO2 + H2      (2.17) 
  
CH4 + CO2 = 2 CO + 2H2                                                                                                              (2.18)
 
Prettre et al. [23, 31] have investigated the partial oxidation of methane 
over nickel based catalysts. The tests were aimed at determining the reactor 
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temperature profile and the outlet products composition; test results have 
then been compared with the species values at the equilibrium, calculated 
considering that only partial oxidation reaction was occurring inside the 
reactor. They found out that these values did not match. In addition, as soon 
as the oxygen/fuel mixture was fed to the reactor, contrary to the features 
of a pure exothermic reaction, a high rise in temperature was observed, 
followed by a progressive decrease due to the later development of 
endothermic reactions inside the system.   
In general, the observation of sharp temperature hot-spots at the 
entrance or on reduced syngas yields and the increase of total oxidation 
products with decreasing contact time are the major proves of the existence 
of such an exothermic-endothermic sequence [27].  
 
 
2.2.1.3 Literature debate and trend 
 
Researchers have followed essentially two approaches to detect whether 
the mechanism is direct or indirect. One approach is to study methane 
CPOx under realistic conditions (high catalyst temperatures and 
atmospheric or elevated pressure). Typically, in these studies the reaction 
mechanism is inferred from the outlet concentrations. Such an approach is 
claimed to be not rigorous for the kinetics analysis, since frequently both 
direct and indirect scheme can equally justify the data [23, 23, 54]. Another 
approach exploits well-defined isothermal lower-pressure or diluted 
conditions. Depending on the experimental conditions, different products 
are modeled and inferred, then different mechanism conclusions may be 
drawn. 
Many researchers believe that the reaction mechanisms depend on 
the catalyst used for the reaction (metal and supports) [52, 53, 54], and also 
on the operating conditions. Weng et al. [52] carried out a study on partial 
oxidation of methane over two different catalysts, Ruthenium and 
Rhodium, on the same support (Rh/SiO2 and Ru/SiO2). Experimental tests 
have shown that for Ru/SiO2 catalyst the reaction occurred according to the 
mechanism proposed by Prettre [23], while for Rh/SiO2 the reaction took 
place according to Schmidt theory [14, 21]. Weng et al. [52] have explained 
that this is due to the different intensity of chemical bond between metals 
and oxygen. The strong bond Ru-O inhibits the metal reduction during 
partial oxidation, thereby promoting the formation of total combustion 
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products. On the contrary, the bond Rh-O is less intense then facilitating 
the Rh reduction and promoting the methane dissociation and the yield of 
partial oxidation products.  
The same researchers have also repeated the tests by using two 
catalysts characterized by the same active elements, but with different 
supports: Rh/SiO2 e Rh/Al2O3. The result was that partial oxidation is 
indirect over Rh/Al2O3 and direct for Rh/SiO2 catalysts; this is due to the 
different interaction existing between active components and their support. 
It can be resumed that the more the interaction is, the less the metal is 
reduced (favoring the total oxidation).  
On the other hand, Veser et al. [25] affirm that the partial oxidation 
is always direct, regardless  from the catalyst used; the high CO2 and H2O 
quantities observable at the beginning of the reaction shall be addressed to 
different values of adsorption coefficients for oxygen and methane rather 
than to an indirect mechanism. Being the oxygen adsorption coefficient 
higher than methane one, initially the catalytic surface is mainly covered 
by oxygen, thus promoting the total combustion reaction. When the oxygen 
partial pressure is decreased sufficiently to balance the gap between the 
adsorption coefficients of the two species, conditions that promote the 
partial oxidation development are established over the catalytic surface.   
Further studies on catalytic partial oxidation over nickel based 
catalysts were performed by De Groote e Froment [26]: on the basis of 
indirect mechanism theory, they created a model where both kinetics of 
total oxidation of methane (Trimm [34]) and kinetics of steam reforming 
(Froment [35]) were combined. In order to account for the reaction 
sequence with steam reforming reaction followed by the combustion one, 
the percentage of catalyst reduction was considered in the model by 
multiplying the steam reforming and water gas shift reaction velocity by a 
reduction factor dependent on the oxygen conversion rate.  
Tavazzi and at. [19] carried out a study on the kinetics of CH4-
CPOx over Rh catalyst at low Rh load using an isothermal tubular reactor. 
Strong evidences were obtained to classify the scheme as an indirect one. 
Indeed, they observed the shape of the temperature profiles, which showed 
a maximum at the beginning of the catalyst, followed by a progressive 
temperature decrease along the layer. This is consistent with the occurrence 
of an exothermic-endothermic reaction sequence. Furthermore, the 
selectivity to H2 decreased markedly when increasing the GHSV (Gas 
hourly space velocity). The hotspots on catalyst surface were also observed 
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by Basile et al. [27] by means of a IR thermo-camera disposed to measure 
the temperature profile inside the reactor.  
In conclusion, the several studies on kinetic mechanism of partial 
oxidation carried out show that the direct oxidation can occur only over 
certain catalysts, with short time contact and high reactant mixture 
temperatures at reactor inlet. The outcome of these studies remarks that 
partial oxidation mainly occurs trough an indirect mechanism, and the 
separation between combustion and reforming zone depends on the catalyst 
used.   
 
 
2.2.2 - CPOx operating parameters 
 
The main operating parameters of a CPOx reaction are the lambda value, 
the inlet reactant pre-heating temperature and the space velocity (GSHV). 
The influences of these parameters on the CPOx reaction are reviewed 
afterwards.    
 
lambda 
The key parameter in partial oxidation process is the ratio O2/CH4, also 
known as air ratio, and it is represented through the parameter lambda (λ). 
It corresponds to half of the ratio O2/CH4 and is defined as the ratio between 







In all reactions involving methane and oxygen, this ratio can vary from the 
partial oxidation theoretical limit (𝜆 =0.25) to the value corresponding to 
the stoichiometric combustion (𝜆 =1). As described below, typical values 
of lambda for the partial oxidation are within the range 0.25-0.35 [36, 37]. 
The pros and cons of operating at different values of lambda are reported 
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Table 2.1: Pro and cons of operating with different lambda 
 
 Pro Cons 
λ = 0.25 
maximizes the yield in 
hydrogen 
high risk of carbon deposition 




reduces the risk of carbon 
deposition and allows obtaining 
both equilibrium temperature 
and hydrogen conversion 
desired even with low pre-
heating of inlet reactant mixture. 
less yield in hydrogen respect 
to the theoretical condition 
 
λ > 0.3 
 
It is used in the startup phases to 
stabilize the reactor 
temperature. It leads to higher 
methane conversion 
a excessive time in this 
condition can generate 
overheating and consequent 
degradation of the catalyst, the 




In equation 2.6, a value of lambda close to 0.25 (O2/CH4 = 0.5) 
promotes the formation of partial oxidation products with respect to the 
total combustion (eq. 2.7), and thereby is the theoretical reference for 
CPOx. On the other hand, it prevents reaching high temperatures 
autothermally, in turn, can sustain the reaction without having an external 
heating source. This implies the risk that the unreacted methane does not 
react with steam according to reforming reaction 2.2 to yield hydrogen and 
carbon monoxide, but tends to pyrolysis, forming coke and facilitating the 
carbon deposition [37]. In order to allow the system to reach high 
temperatures in auto-thermal regime and to maximize the synthesis gas 
yield, it is necessary to operate at lambda higher than 0.25. This allows the 
occurrence of the total combustion reaction responsible for keeping the 
temperatures high.   
The parameter lambda for a catalytic partial oxidation mechanism 
shall hence be accurately controlled during each phase of the process. A 
low lambda can theoretically guarantee the highest hydrogen conversion, 
approaching the steam reforming one, but the risk of undergoing a carbon 
deposition over catalyst bed (and also anode cell) is high. The inferior limit 
for lambda to avoid carbon deposition depends on the operating 






Figure 2.8: Carbon deposition limit over lambda and temperature (SOFC Power) 
[37] 
 
Figure 2.8 illustrates the carbon deposition limit with respect of 
lambda and operating temperature according to the experimental data 
disclosed by SOFC Power, Italian SOFC manufacturer. When working in 
the red area, the carbon deposition is almost certain. In order to avoid 
catalyst deactivation, lambda and operating temperature shall be selected 
within the green area. This information confirms that it is required working 
at temperatures over 700°C for the lambda range typically adopted in FC 
applications.  
Irrespectively from the carbon deposition phenomenon, as long as 
the lambda increases, a rise of the temperature together with an higher 
methane conversion occur. On the other hand, the hydrogen yield is 
reduced. There is a limit to the increase of lambda that typically is bounded 
by 0.33-0.35. In fact, the higher the lambda is, the more difficult is to 
control the temperatures inside the reactor.  
Moreover, it is also difficult to control and prevent the total 
combustion reaction development, which can become unstable, thus 
causing consistent heating formation. This issue is critical for the 
applications of CPOx reactor in fuel cells; indeed the reforming feeding 
system must be designed carefully, especially valves and flow meters that 
control the supply of air and fuel to the reactor. Even a slight difference in 
the design operating flow rates could lead to carbon deposition or 
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oxidization of the catalyst, with serious consequences for the system and 
for the stack itself.  
Experimental data and simulation results of CPOx reaction for 
different lambda values are shown in the following. 
 
 
Inlet Reactant pre-heating temperature 
In addition to the value of lambda, the other factor that strongly 
characterizes the partial oxidation reaction is the preheating temperature of 
inlet air/gas mixture entering the reactor. This temperature can be either 
designed in the engineering phase or determined experimentally by making 
some trials and errors when the system is ready for tests. In fuel cell systems 
with reforming reactor integrated inside the Fuel Cell Module (defined also 
as Hot Box by many fuel cell manufacturers, see chapter 3) the pre-heating 
issue is taken into account by properly integrating the reactor inside the Hot 
Box itself. Experimental tests [24, 25, 27, 36, 37] have shown that the input 
temperature of reactants may cause an increase of both the CH4 conversion 
and the adiabatic temperature of the reactor. To improve the conversion of 
the reformer, it is advantageous to pre-heat the reactants to a temperature 
higher than ambient one, also for sustaining the catalytic reaction. 
However, this increases the adiabatic temperature of the CPOx reactor, 
which in turn may cause deactivation of the catalyst. In most of SOFC 
applications, the preheating temperature is included in the range 20-400 °C, 
depending on several variables such as lambda, reactor, catalyst and 
integration of the reactor in the system (e.g. for the heat losses). Typical 
values for CPOx reactors integrated in  SOFC Hot Box are restricted to the 
range 150-300°C [37]. 
Experimental data and simulation results of CPOx reaction for 




Space velocity (GHSV) 
Another interesting parameter for the catalytic partial oxidation is the 
spatial velocity, that is nothing else than a way to take into account the 
contact time of the reactant species over the catalyst surfaces (namely, the 
GHSV is the inverse ratio of the contact time). 
The Gas Hourly Space Velocity (GHSV) is defined by the ratio of 
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the total volume flowrate of reactant gases entering the reactor in standard 
conditions (0°C at 1 atm) and the total catalyst useful volume [36]. In the 
catalytic partial oxidation it is useful to increase the spatial velocity to 
maximize the hydrogen gain, up to a limit value beyond which the 
hydrogen yield decreases, and the methane conversion as well. The 
decrease in hydrogen selectivity with GHSV is indeed one of the 
drawbacks of catalytic partial oxidation process.  
Figure 2.9 reports experimental measures of the conversion of 












2.2.3 - Thermodynamic analysis 
 
As already stated in previous paragraphs, the main drawback of CPOx 
reaction is the low conversion efficiency in hydrogen with respect to other 
reforming mechanisms. As shown in figure 2.10, this is mainly due to the 
loss in heating value associated to the partial combustion of gases, which 
48 Chapter 2 – Reforming Systems 
 





Figure 2.10: Comparison of heating value and methane conversion of SR, CPOx 
and ATR  reformates for different temperatures (Lambda CPOx = 0.27 ) [37] 
 
Seo et al. [8], whose reforming model has already been recalled in 
paragraphs 2.1 and 2.2, carried out several studies on the partial oxidation 
reactions for studying the influence of the inlet parameters on the 
thermodynamics of the reactions. Considering a partial oxidation reaction 
(i.e. without catalyst and with higher temperature than the typical CPOx 
method) they reported the results achieved in their model by varying 
lambda in the range from 0.25 to 0.6 and the inlet reactor pre-heating 
temperature from 100 to 500°C.  
 




Figure 2.11: effect of lambda on the equilibrium composition (reactant pre-heating 
temperature = 200°C) [8] 
 
 
Figure 2.12: Adiabatic temperature, methane conversion and H2 gain over lambda 
(reactant preheating temperature = 200°C) [8] 
 
 
Figure 2.11 reports the concentrations of reaction products at the 
equilibrium as a function of the lamba, for a preheating reactant 
temperature of 200°C and pressure 1 atm. It can be noted that for lambda 
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higher than 0.3 the coke formation is prevented, in spite of a reduction of 
the H2 and CO yield.  
 
In Figure 2.12 the increasing trend of methane conversion rate is 
shown together with the trend of reactor outlet temperature when varying 
the lambda. The same authors proved that the CPOx (with lambda 0.27) 
proceeds auto-thermally at temperature of 700°C.  
The effects of preheating temperature on the conversion and on the 
adiabatic temperature of the CPOx reactor are illustrated in figure 2.13-a 
and 2.13-b. The increase in the input temperature of the reactants causes 




Figure 2.13-a: effect of pre-heating temperature on the equilibrium composition of 
the reactor 
(reactant pre-heating temperature T = (− − −) 20°C; (--· --·--) 200°C; (-------) 
400°C). 
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Figure 2.13-b: effect of pre-heating temperature on the adiabatic temperature of 
the reactor 
(reactant pre-heating temperature T = (− − −) 20°C; (--· --·--) 200°C; (-------) 
400°C). 
 
However, if the catalyst temperatures need to be maintained below 
800°C, the lambda shall be decreased progressively with increasing preheat 
temperature in order to avoid deactivation of the catalyst. In their analysis, 
Seo et al. found that the adiabatic reactor temperature increases from 670°C 
to 857°C when the preheat temperature of reactants was raised from 20 to 
400°C at a lambda of 0.3. In real operation, in order to operate the reactor 
with a high flow rate of reactants, it is necessary to heat up the reactants 




2.2.4 - Internal CPOx reforming for tubular fuel cell: 
Acumentrics technology 
 
Tubular fuel cells have different design and performance respect to the 
more used planar ones (section. 3.1). The model developed in this thesis 
can be adapted to both cases, since it characterizes the reforming reactor 
that is upstream the stack. The experimental results collected for the model 
validation are referred to a planar design, that is also most suitable for small 
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scale application and allows obtaining higher stack and system efficiency, 
thereby the planar fuel cell layout is assumed for the purpose of this work. 
Nevertheless, the planar design is of bigger interest for industrial and 
academic research, due to its higher potentiality in terms of performances, 
the small footprint and the possibility to stack the cells in modules. 
However, the experimental tests carried out at Ariston facilities (see section 
3.2) have involved also some µCHP units with tubular design, developed 
by Acumentrics, hence offering the opportunity to investigate the 
reforming mechanism used for these systems.  
Acumentrics Corporation is an American society leader in the 
manufacturing and marketing of tubular SOFC. Acumentrics has 
developed a novel method to reform the natural gas fuel stream, which 
allows the system to work under partial oxidation reforming conditions at 
low oxygen to carbon (O/C) ratios [38]. In standard tubular CPOx 
configurations, including the previous units by Acumentrics, an O/C ratio 
greater than 1.2 (O/C of 1.2 corresponds to a lambda of 0.3) was required 
to ensure that soot formation within the fuel piping and cells was avoided. 
With this new technology, systems can run at O/C ratios as low as 0.5 
(lambda 0.125) without dropping carbon. This reduction in O/C ratio 
results in a significant improvement in the stack operating efficiency, as 
shown in Figure 2.14. As depicted in the plot, at low O/C ratios the stack 
efficiency approaches that of a steam reforming configuration. 
By using low O/C it is possible to break up the global autothermal reactions 
into a CPOx over the catalyst surface, followed by steam reforming in the 
fuel cell using the water produced in the electrochemical reactions. 
Globally, this leads to an autothermal (ATR) reaction described as follows: 
 
CH4 +0.25 O2 + H2O = CO+2.5 H2 +0.5 H2O (2.19) 
 
but with a much lower energy penalty as there is no vaporization of 
water. From thermodynamic consideration, the free energy of the products 
must be the minimum [101].   
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Figure 2.14: Fuel Cell Efficiency versus Oxygen to Carbon Ratio in Acumentrics 
technology [38] 
 
The new fuel processing technology developed at Acumentrics 
envisages catalytic coated fuel injectors in conjunction with internal fuel 
recirculation. This allows to overcome two of the main shortcomings of 
CPOx operation (fig. 2.14), namely reduced efficiency and lack of an in 
stack heat sink as compared to in-situ steam reformed operation. This 
arrangement overtakes the mentioned drawbacks while retaining the 
general simplicity of a CPOx system. Anode gas processing requires the 
metering of the air and fuel streams to the correct ratio which for small 
µCHP systems is much simpler and less expensive than condensing the 
offgas stream, metering and re-injecting the water to produce steam. It will 
also require less maintenance and is less costly than a potable water 
filtering system. 
Figure 2.15 shows some images of the tubular fuel cell stack and 
the standard layout of Acumentrics fuel cell module, showing the position 
of each device (i.e. startup burner, recuperator, offgas burner and catalytic 
fuel injectors) inside the Hot Box. The figure also represents the 
configuration adopted by Acumentrics for the integration between each 
fuel injector and tubular cell. 




         
Figure 2.15: Acumentrics stack bundle, tubular cells and catalytic injectors [38] 
 
By adding the catalyst in the injector of each single cell an almost 
isothermal reformer is created. This is in contrast to the adiabatic reformer 
most commonly used in different fuel cell systems. The temperature is 
essentially controlled at the stack level, which is very favorable for the 
reforming performance, ant this makes the reforming system highly 
tolerant to deviations in O/C, ranging from 0.5 to 1.7 (respectively 
corresponding to a lambda of 0.125 and 0.43). A constant O/C of 1.7 in the 
long time would burn out the monolith in an adiabatic system. For enabling 
the reforming reactions to take place, the control system opens the anode 
Chapter 2 – Reforming Systems 55 
 
fuel and the anode air valve when the plenum temperature reaches 650 °C. 
At these conditions, the stack is warm enough to guarantee the required 
conversion within the injectors of each cell and the cell itself.  
The general concern with this solution is that for O/C < 1 (lambda 
< 0.25) the carbon formation is thermodynamically enhanced. Certainly the 
risk is considerably high, but this phenomenon does not necessary have to 
occur and can be stopped if kinetic barriers to its formation are in place. 
The kinetic barriers are always present in the form of activation energies, 
thus carbon formation is prevented either by removing any catalyst that can 
lower this activation energy, or by adding catalysts, which decrease the 
activation energy for the gasification of carbon. The basis of Acumentrics 
technology and testing is the removal of carbon forming the catalysts, 
thereby increasing the activation energy for the process and enabling the 
operating at low O/C for natural gas.  
The correct O/C ratio to be used depends on the system and its 
overall performance. At open circuit and low load conditions (below 30 A 
of current generated by the stack and generally with low power), the O/C 
ratio must be approximately 1.2-1.4, for improving the heat balance of the 
system.   
 
 
















20 17,71 354 43 25% 16% 1403 1,20 
30 16,60 498 56 31% 22% 1627 1,20 
40 15,50 620 65 33% 24% 1881 1,20 
50 14,14 707 75 35% 25% 2014 1,20 
60 13,47 808 70 32% 23% 2553 1,20 
60 13,96 838 73 36% 26% 2335 1,00 
60 14,13 848 75 40% 30% 2111 0,80 
60 14,44 866 75 43% 32% 1996 0,60 
 
At a given percentage of full load (approximately 75%) and above, 
when the current exceeds 30 A, the O/C can be lowered to approximately 
0.5-0.6, in order to be sure that there is enough H2O and CO for the steam 
reforming reaction. This is the phase when the reforming mechanism turns 
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into an autothermal reforming and there are remarkable benefits for the 
electrical efficiency of the system, as shown in table 2.2 above. The test 
results demonstrate as the DC electrical efficiency increases from 32% to 
43% when the O/C ratio is lowered from 1.2 to 0.6. For O/C ratio lower 
than 0.5, the risk of having carbon deposition becomes almost certain. 
The anode fuel feeding system for the high efficiency CPOx is 
shown in figure 2.16. It is slightly different with respect to the standard 
configuration, usually designed to provide a fixed oxygen to carbon ratio 
achieved through a Venturi based pressure compensation system. For the 
high efficiency and low O/C system, the oxygen to carbon ratio must be 
variable to achieve proper operations, and its scale is set according to the 
load and fuel utilization.  
 
 
    
 
Figure 2.16: Air and fuel feeding system in Acumentrics µCHP 
 
This variable O/C operation can be achieved in several methods. In 
the configuration shown in figure 2.16, the anode air flow is controlled by 
the speed control of an anode blower, and the anode fuel flow is controlled 
via a modulating fuel valve. Both streams include flow meters to measure 
the flowrates. This is required to maintain the correct O/C ratio over the 
entire operating range. It is important to take into account the maximum 
error of the air flow meter and fuel flow meter (5% tolerance respect to the 
set point conditions), to avoid any catalyst deactivation phenomena due to 
the excess of either fuel or air flow. It is also possible that the flow meters 
can be eliminated by characterizing the fuel flow versus fuel valve position 
and characterizing the air flow based on anode blower speed and pressure.  
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2.3 - Autothermal reforming (ATR) 
 
Autothermal reforming (ATR) is another common technique in fuel 
processing. It was developed by the Danish company Haldor Topsoe at the 
end of 1950s and usually describes a process in which both steam and 
oxidant (oxygen, or more normally air) are fed with the fuel to a catalytic 
reactor [11]. It can therefore be considered as a combination of CPOx and 
the SR processes already described, as follows: 
 
CH4 + 3/2 O2 = CO + 2 H2O   (2.20) 
  
CH4 + H2O = CO + 3H2 (2.21) 
  
CO + H2O = CO2+ 2H2 (2.22) 
 
 
By gathering together the reactions 2.20, 2.21, 2.22, the equation for ATR 
can be summarized us: 
 
4CH4 + O2 + 2H2O → 10H2 + 4CO (2.23) 
 
The basic idea of autothermal reforming is that both the 
endothermic steam reforming reaction (2.2) and the exothermic CPOX 
reaction (2.6) occur together, such that no heat needs to be supplied or 
removed from the system (adiabatic process). However, there is some 
confusion in the literature between the terms partial oxidation and 
autothermal reforming.  
Joensen and Rostrup-Nielsen [47] published in 2002 a review that 
clarified the issue and explained both definitions in detail. Their analysis 
was oriented to investigate on the factors that mainly affect the reaction and 
can determine whether it falls in CPOx regime or in the ATR one. They 
realized that if steam is added to a fuel/oxidant mixture and passed through 
a bed of catalyst, the material of the catalyst itself, besides the operating 
temperature and pressure, determine to what extent the steam reforming 
reaction occurs.  
Several studies [46, 48, 57, 58] have tried to determine the relative 
rates of the reforming and partial oxidation reactions over different 
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catalysts; it is generally assumed that the oxidation reaction is brought to 
equilibrium faster than the steam reforming reaction. This has been termed 
the indirect mechanism of CPOx, explained in chapter 2.2.1.2. In some 
CPOx processes, both steam and oxidant are fed with the fuel, an example 
being the Shell partial oxidation process, currently developed by 
HydrogenSource in the United States [48]. This uses a proprietary reactor 
design containing a Platinum group catalyst over which CPOx occurs at the 
top of the bed, whereas further down the bed, the steam reforming and shift 
reactions bring the gas to equilibrium.  
In other examples of CPOx where the steam oxidation and 
reforming reactions operate in parallel, the rate of the reactions are not 
limited by mass transfer and are brought to equilibrium without gain or loss 
of heat. This is true autothermal reforming, and it is what occurs in 
Acumentrics’ tubular fuel cell when the O/C ratio is reduced below 1.0 
(lambda < 0.25) and the current drawn by the stack is at least 30 A (section 
2.2.4). In this case the steam required for the autothermal reaction is 
directly brought by the fuel cell reaction.  
The advantages of autothermal reforming are that less steam is 
needed compared with conventional reforming and that all the heat for the 
reforming reaction is provided by partial combustion of the fuel [42]. This 
means that no complex heat management engineering is required, resulting 
in a simple system design.  
 
Figure 2.17: ATR reactor [11] 
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The ATR reactor shown in figure 2.17 consists of a burner, a 
combustion chamber and a catalyst bed, all of which are contained in a 
refractory lined pressure shell. A mixture of natural gas and steam is 
partially converted by pressurized combustion under fuel-rich conditions 
in the combustion chamber. The temperature in the combustion chamber is 
in the range of about 1100-1300 °C near the catalytic bed and up to 2500 
°C in the flame core, depending on the process conditions. In the 
combustion chamber also the steam reforming and the water gas shift take 
place in homogeneous phase due to the high temperature. In reality, a large 
number of chemical reactions take place in the combustion chamber 
involving radicals [45]. 
The oxygen is consumed by the combustion reactions. However, 
the methane conversion is not complete in the combustion chamber. In fact 
the final conversion of methane takes place in the catalytic bed, and the 
synthesis gas leaves the ATR reactor at chemical equilibrium temperature, 
typically between 850 and 1100 °C.  
The ATR reactor is soot free under normal operation. The fuel rich 
combustion occurs in a turbulent diffusion flame and intensive mixing is 
required to prevent soot formation. Soot formation is unwanted and would 
reduce the carbon efficiency of the process, reason why soot particles, if 




2.3.1 - Thermodynamic analysis  
 
The most relevant source for the thermodynamic analysis of the ATR 
reaction is once again given by the paper published by Seo et al. [8]. Figures 
2.18 and 2.19 represent the trend of methane conversion and reactor 
temperature over the air ratio and S/C ratio.  
  




Figure 2.18: effect of lambda and S/C ratio on the adiabatic temperature and 
conversion in ATR  reactor (reactant pre-heating temperature = 400°C) [8] 
 
 
Figure 2.19: effect of lambda and S/C ratio on mole fractions of H2 and CO in ATR  
reactor (reactant pre-heating temperature = 400°C) 
 
The methane conversion increases considerably with the air ratio, 
approaching one when the air ratio is 0.3, whereas the temperature raises 
also beyond this limit, because even when the methane is all consumed, the 
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CO can still be oxidized. 
On the other hand, by increasing the S/C ratio, both methane conversion 
and reactor outlet temperature decrease. This can be explained considering 
that at higher S/C ratios the steam reforming is promoted, with consequent 
higher heat demand which eventually leads to the cooling of the reactor, 
decreasing the temperature and reducing the conversion. The benefit of 
having higher S/C is that the coke formation is prevented and the hydrogen 
and carbon oxide concentrations increase; however, their trend over the air 




2.3.2 - Reaction Mechanism   
 
In the autothermal reforming it is possible to carry out the oxidation 
reactions even without catalyst, exploiting the heat and steam coming from 
the reforming reactions [50]. As alternative, if this is found to be not 
sufficient, a catalyst may be added to start the oxidation, and this could be 
the same one used for reforming. Several reactions might occur when 
steam, air and methane are simultaneously fed to the same reactor. Many 
studies were performed to investigate on the reaction mechanisms [41-49], 
similarly to what has been done for the CPOx reaction. The general 
conclusion is that also in this case the reaction takes place following an 
indirect mechanism, through the sequence of the total oxidation followed 
by the reforming phase.  
De Grotte and Froment [26] in their research activity demonstrated 
that the addition of steam to an air/methane mixture determines the 
reforming reactions to occur in advance, promoting the overlapping of 
exothermic and endothermic zones, where oxidation and reforming 
reactions respectively take place. This yields a decrease of the temperature 
peak over the catalyst bed and in turn a lower deactivation risk for the 
catalyst. The overlap area between oxidation and reforming depends on the 
type of catalyst used, as confirmed by the different temperature profiles 
measured in the reactor when testing several catalysts.   
Li et al. [46] and several other researchers [43, 45] tested the 
autothermal reaction with Rhodium (Rh), Platinum (Pt) and Palladium (Pd) 
catalysts, when the reactor was heated up to 800°C. The results showed that 
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Rh catalyst exhibits a temperature peak in the oxidation area lower than Pt 
and Pd, and in addition the separation of phases proceeds according to the 
following: 
 
- Pd ≈ Pt > Rh: Combustion activity; 
- Rh > Pt > Pd: Reforming activity 
 
The high reforming and low combustion activity of a catalyst or vice 
versa (low reforming and high combustion activity) are reflected in the 
exothermic/endothermic overlap area: the main result is that the Rh catalyst 
seems to be the most suitable for the autothermal reforming of methane 
[50]. However, its high cost and low availability on the market limit its 
spread and usage (section 2.4.3). On the other hand, the most effective 
alternative, nickel catalyst, is easy to find in commerce and economic. It is 
characterized by a lower interaction between exothermic and endothermic 
zone, due to the stratification occurring on the Ni catalyst during the partial 
oxidation [34]. Indeed, as demonstrated by Dissanayake et al. [55, 56], the 
nickel based catalyst exhibits three different zones during the oxidation 





Figure 2.20: Scheme of  Ni/Al2O3 catalyst during ATR at different operating 
temperatures [56] 
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- the first zone is formed by  NiAl2O4, characterized by poor tendency 
to total combustion and nothing for the reformed (white color) 
 
- the second zone is constituted by NiO + Al2O3, presenting an high 
activity for total combustion, leading to the total O2 consumption 
(green color).  
 
- The third area is made up by metallic Ni, that catalyzes the 
reforming reaction, leading to CO and H2 formation (black area) 
 
 
The existence and weight of each substrate depends on the thermal 
level of catalytic bed and on the possible pre-reduction process to which 
the nickel can be subjected.  
Many other studies were focused on the evaluation of the effects 
generated on the autothermal reforming reaction by adding noble metals to 
the nickel catalyst. In particular, Dias and Assaf in 2004 [57] have analyzed 
the effects of adding small quantities of platinum and palladium, 
discovering remarkable benefits for the reaction efficiency. This was 
confirmed also in the later work carried out by Dias et al. in 2008, and is 
mainly due to the fact that the addition of noble metals decreases the 
reduction temperature for the nickel catalyst, bringing it down from 600 °C 




2.4 - Catalysts and supports for CPOx reforming 
reactors 
 
2.4.1 - Status of Catalytic Partial Oxidation Research 
 
The first papers detailing with the catalytic partial oxidation of methane to 
synthesis gas were published in 1929 by Liander [61], in 1933 by Padovani 
and Franchetti [62] and by Prettre [31]. However, high yields of synthesis 
gas were only obtained at temperatures in excess of 850°C. The latter 
studies showed that below this temperature non-equilibrium product 
distributions were observed. However, the carbon formation phenomenon 
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over the supported catalysts used for tests was not studied in any detail. 
During the following decades the CPOx mechanism was studied only 
superficially and many uncertainty factors related to this process were not 
investigated in detail. Due to these aspects, as well as to the success of the 
steam reforming process, partial oxidation was left aside for many years. 
In the late 1980s Green and co-workers [63] began a renaissance in the 
study of  methane partial oxidation. While investigating trends in the 
behavior of the lanthanides for oxidative coupling using pyrochlores 
containing noble metals and rare earth metals, they observed high yield of 
synthesis gas. Their tests revealed that the ruthenium catalyst had an 
excellent activity for methane partial oxidation. They also performed a 
high-resolution electron microscopy on the post reaction samples, whose 
results confirmed that no carbon deposition had occurred. This observation 
encouraged a detailed investigation of the stoichiometric methane partial 
oxidation over both noble metals and base metal catalysts by a large 
number of research groups. The results published in the 1990s were mainly 
concerned with the catalyst screening, although the effect of the principal 
system parameters such as operating temperature and pressure were also 
studied. Later on, many researchers began to shift their investigations 
towards the improvement of catalyst stability and performance. In this 
scenario, important results were reported by Hickmann and Schmidt 
[14,21,64]. They studied the CPOx reaction in an adiabatic reformer with 
noble metal based catalyst, at atmospheric pressure and in a short-contact 
time, obtaining conversion results close to the thermodynamic equilibrium. 
The first simulation of methane partial oxidation over Pt and Rh catalysts 
surfaces was given by Hickmann et al. [65]. The model consisted of 19 
elementary steps including adsorption, desorption and surface reactions. 
Currently, the research activities for the process of catalytic partial 
oxidation mainly concerns the following issues: 
 
- optimization of the catalyst and the support; 
- reaction mechanism; 
- optimal reactor design. 
 
Besides, the aspects related to the type of fuel to be adopted for each 
different application are progressively gaining more attention (e.g. logistic 
fuels such as gasoline and diesel are suitable to be used for on-board and 
on-site fuel cells). The propane is also drawing higher interest in hydrogen 
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production studies, since it is a constituent of LPG. The LPG is a 
commercial gas whose main advantage is the simplicity to be transported 
and stored on site. Moreover, due to its composition (short aliphatic C3-C4 
chains and absence of sulphur or other electronegative atoms), LPG is 
reported to present some significant advantages compared to heavier 
feedstocks: it exhibits less tendency to the carbon deposition and generates 




2.4.2 - CPOx reactors - literature background 
 
CPOx reactors can be very simple in design, requiring only one bed of 
catalyst into which the fuel and oxidant (usually air) are injected [7, 9, 40]. 
As described in section 2.3, sometimes the steam is added as well, turning 
the CPOx into an autothermal reforming, where conventional steam 
reforming also occurs. In this case, depending on the nature of the fuel and 
on the application, two types of catalyst may be used, one primarily for the 
CPOx reaction and the other to promote steam reforming. A well-known 
example of CPOx reactor is the Johnson Matthey HotSpot reactor (Edwards 
et al., 1998). A schematic representation of an early version of this 
technology is shown in Figure 2.21.  
 
Figure 2.21: Johnson Matthey HotSpot reactor 
 
It utilizes a platinum/chromium oxide catalyst on a ceramic support. A 
scaled up reactor of 2 liters capacity successfully demonstrated the 
66 Chapter 2 – Reforming Systems 
 
commercial possibilities of this devices for generating hydrogen. The 
vertical injector pipe penetrated midway into the catalyst bed. The 
temperature was measured by thermocouples at the mid position.  
The novel feature of the reactor is the hot spot caused by point 
injection of the air-hydrocarbon mixture. This arrangement eliminates the 
need for pre-heating the reactant mixture during operation, although for the 
reactor start-up on natural gas the fuel should be warmed up to around 
500°C. Alternatively, the reactor can be activated at ambient temperature 
by introducing an initiating fuel such as methanol or a hydrogen-rich gas, 
which is oxidized by air at ambient temperature over the catalysts. This 
oxidation serves to raise the bed to the temperature needed for the natural 
gas to react (typically over 450 °C). 
Several other developers have built CPOx reactors for both mobile 
and stationary fuel cells applications. Shell has developed their CPOx 
technology for reforming gasoline within the DaimlerChrysler/Ballard 
company Excellsis as well as in collaboration with UTC Fuel Cells for 
stationary applications. CPOx of methanol proceeds with much lower heats 
of reaction compared with hydrocarbons and a very simple design of the 
CPOx reactor can be used. An interesting example for a similar application 
is that developed by Kumar et al. [68] at Argonne National Laboratory. In 
this method, the methanol is simply mixed with water in liquid form and 
fed to an igniter, where a controlled flow of air is added. Here a part of the 
inlet methanol is burnt, producing the heat required to vaporize the water 
and methanol. The unburnt methanol and the steam generated are then 
supplied to the reactor, where the catalyst is supported on a honeycomb 
monolith material (similarly to the automobile exhaust catalysts). More 
recently, Schmidt [69] has described the catalytic partial oxidation of 
gasoline on rhodium coated monoliths at 600 °C.  
The use of noble metals catalysts in CPOx reactors was studied for 
the first time by Ashcroft et al. in 1990 [70], followed later by Dong et al 
[71] and Zhu and Flytzani-Stephanopoulos [72]. These authors investigated 
the integration of these catalysts with alternative supports such as MgO, 
ZrO2, CeO2. The current studies are focused on the application of silicon 




Chapter 2 – Reforming Systems 67 
 
2.4.3 - CPOx reactors - Catalysts 
 
The production of synthesis gas by oxidation reactions can generally be 
performed in short contact time reactors [60, 61], thereby reducing the 
reactor volume. Short contact time regimes can be reached by using 
structured catalytic system where the active materials are deposited over 
ceramic supports or metallic substrates. As described in section 2.4.4, the 
supports adopted for the structured catalysts include monoliths with 
honeycomb structure, ceramic foams and metallic mesh. 
Among the different solutions available on the market for the structured 
catalysts suitable for a CPOx process, it is possible to identify two main 
groups [59]: 
 
1- Noble Metal Catalysts, or Platinum group metal catalysts (PGM): 
catalysts based on noble metals, which can be either self-supporting 
(mesh, gauzes, knit) or supported by ceramic materials (alumina, 
silicon, mixed oxides)  
 
2- Base metal catalysts: typically nickel oxide, but also iron and 
copper supported by alumina or other ceramic supports. 
 
With reference to the first group, several products are proposed, 
including those for complete combustion reaction. Their performances are 
stable and, depending on the material, ensure good methane conversion. 
Their main drawback is the cost, especially when mixed with platinum 
elements (e.g. in the complete combustion process for automobiles 
catalytic converters). On the contrary, the products belonging to the second 
group are mainly based on nickel over alumina support. This configuration 
is commonly used for steam reforming reactions. The base metal catalysts 
are less expensive than noble metals, but have lower activity and are easily 
deactivated by carbon formation, sulfur poisoning and oxidation [11].  
Other types of catalysts, not commonly used for CPOx and generally 
for SOFC fuel reforming reactions, are the sponge metals (skeletal or 
Raney nickel). These catalysts are fine-grained metals composed mostly of 
nickel derived from a nickel-aluminum alloy, typically nickel oxide 
supported by alumina or other ceramic supports. The Ni-Al alloy is 
prepared by dissolving nickel in molten aluminum followed by cooling 
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("quenching") [59]. 
Table 2.3 lists the main technical features and properties of the catalysts 
mainly adopted for the CPOx process in fuel cell systems.  
 
Table 2.3 – catalysts for CPOx reactions- properties and technical features 
 
CATALYSTS Description 
Nichel Commercial catalysts nickel based composed of NiO (average content 
15%), deposited over ceramic materials supports α-Al2O3, MgO, Zr2O3). 
Additional chemical species entering the final composition: 
- calcium aluminium (10-13% in weight) improves the 
mechanical resistance of catalysts spheres; 
- potassium oxide (up to 7% in weight) prevents the coke 
formation; 
- Silicium (up to 16% in weight) reacts with potassium oxide to 
form stable silicates.  
Advantages: stability, remarkable catalytic activity and low costs.   
Reactivity: Ni/Al2O3 selectivity to CO of 95% and production of H2 and 
CO corresponding to the thermodynamic equilibrium values at the 
reactor outlet temperature (700-900°C). 
Ruthenium The most economic and stable catalyst among those belonging to the 
transition metals. Supports:  
- If supported by Al2O3, at low concentrations (0,015% in weight) 
is more active and selective than Ni; 
- If supported by SiO2 is able to oxidize the methane at low 
temperatures (400°C); 
Reactivity: ruthenium based catalysts over rare earth elements based 
supports have gained methane conversion and selectivity toward CO  and 
H2 of 56%, 99% and 100% respectively, at pressures of 1 atm.  
Rhodium Platinum based catalysts with rodhium percentage of 2-5%, in the form 
of mesh, are used in the nytrogen and nitrate production process.  
Reactivity: rhodium based catalysts guarantee that the product gas 
compositions are very close to those predicted by the thermodynamic 
equilibrium. High methane conversion values (more than 90%) and 
hydrogen selectivity can be achieved.  
Platinum-
Rodhium 
Both Pt/Al2O3 and Rh/Al2O3 contain an high percentage of noble metals, 
in the range 0,25-2,0%. Rh and Ni tested at different contact time  (0,1-
0,5 s) show an higher activity and selectivity toward hydrogen respect to 
Pt.   
Reactivity: catalysts Pt-Rh at 10% of Rh led to high oxygen conversion 
and selectivity toward Co and H2, even at short time contact and low 
lambda.  
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Currently, noble metals, nickel and to a less extend cobalt are mainly used 
for the CPOx process in fuel cell systems. A worldwide research aimed to 
identify the best effective catalyst for the reforming process has been 
encouraged by the recent results achieved in the performance of some 
metals (Ru, Pd and Rh and Pt-Rh alloys  ) and lanthanum oxides [20, 21, 
27, 52-58].  
However, not all these catalysts are stable on long-term activity and the 
choice of a particular metal is often a balance between several critical 
parameters. These parameters include [36]: 
 
 the catalytic activity; 
 the long-term stability; 
 the selectivity towards synthesis gas production; 
 a lower tendency towards unwanted side-reactions (especially 
carbon formation); 
 the sensitivity towards sulphur poisoning; 
 the cost of the active element. 
 
Nickel catalysts (Figure 2.22) show the highest activity and are 
attractive due to their low cost. However, they are particularly sensitive to 




Figure 2.22: Catalyst powder  Ni/Al2O3 
 
For CPOx processes, noble metal catalysts are generally recognized 
as superior in terms of stability compared to nickel catalysts, although there 
are remarkable differences between the individual noble metals. Palladium 
is prone to rapid carbon formation at low O/C ratios, as well as the platinum 
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[40]. A stable catalytic performance with low light-off temperatures (< 
400°C) can be obtained with rhodium. Indeed, several tests have proved 
the rhodium to be the best noble metal because of its high selectivity to H2, 
low volatility and resistance to coke formation [36, 37, 64, 65]. On the other 
hand, the high price makes its usage prohibitive for large-scale facilities. 
Palladium, ruthenium and iridium catalysts are considerably less active 
than rhodium but exhibit sufficient activity for many practical applications.  
Many critical parameters for the choice of the active phase metal 
also depend on the choice of the support. The specific metal-support 
interactions can affect the reducibility of a metal oxide or stabilize the 
particle dispersion of the metal. The optimal support shall maintain the 
dispersion of the active phase and ensure thermal stability in severe 
working conditions. It was proved that Rh/α-Al2O3 is the catalytic system 
most suitable and efficient for the partial oxidation of methane to synthesis 
gas [24, 52, 54, 59]. Widely investigated and used support phases are also 




2.4.4 - CPOx reactors - Supports 
 
Although the main function of the catalyst support is to extend the surface 
area of the metal, the selection of the best type of support for a particular 
catalytic metal is fundamental for the CPOx reforming process. Indeed, the 
support can also substantially alter the rate and course of the reaction. The 
type of physical support is determined by the nature of the reaction system, 
since the reaction conditions may limit the choice of support. The support 
must be stable at the temperature used and shall not react with the solvent, 
feedstock or reaction products. 
Many researchers have evaluated the effect of several supports on the 
catalytic activity by simply comparing the behavior of nickel catalyst when 
deposited on different supports: Al2O3, SiO2-Al2O3, SiO2-ZrO2 and zeolite 
[42, 55, 56, 57, 71, 72]. In these studies, the authors observed that the acid 
supports reduce the catalyst activity, due to the difficulties of nickel to 
redox in acid environment, with subsequent lack of metallic nickel for the 
partial oxidation reaction.  
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There are mainly three different structural layouts for the supports: 
 
 Monolith  
 Ceramic foams 
 Metallic mesh  
 
Table 2.4 lists the main technical features and properties of the supports 
mainly used for the CPOx process in fuel cell systems.  
 
Table 2.4 – supports for CPOx reactions- properties and technical features 
 
SUPPORTS Description 
Monolith Rigid structure in ceramic material where the metallic catalyst is 
deposited over α-Al2O3 through washcoating. 
The support is characterized by a honeycomb structure, with parallel 
channels size in order of mm, whose fluid dynamic region is laminar.  
They differentiate for the materials (conductivity, thermal expansion, 
ecc..) and for the channel density, measured in cpsi (cells per square 
inch). 
Sponges Ceramic sponges are derived by various material, such as: Al2O3, 
SiAlOx, MgO/SiAlOx, ZrAlOx, SiC.  
The Zr2O3 based sponges show an high porosity respect to those that 
constitute other oxides, this leading to higher selectivity to H2. 
Metallic 
mesh 
These strctures are characterized by an elevate mass to surface ratio 
and by a considerably short time contact. The drawback is their huge 
cost.  
The Pt meshing shows an high selectivity to CO but, on the other hand, 
do not permit obtaining an high oxygen conversion and show low 
selectivity to H2. 
 
The honeycomb monoliths (fig. 2.23) result in much shorter start up 
time because of their better heat transfer proprieties and lower heat 
capacity. In addition, at low flowrates honeycombs perform better than 
packed beds in terms of conversion, selectivity and pressure drops [36]. 
The effort to minimize the pressure drop over the catalytic system led to 
the development of corrugates monolithic reactor based on FecrAlloy 
(Figure 2.23), an alloy containing aluminum (0.5-12%), chromium (20%), 
yttrium (1-3%), iron and kanthal (an alloy containing aluminum, 
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chromium, cobalt and iron). Additionally, honeycomb monoliths offer 
several advantages for experimental investigations and their quantitative 
analysis, such as the ability to monitor the axial temperature profiles along 
the channel by means of multiple thermocouple and the reliability of 
correlation for heat and mass transfer coefficient even at very low Reynolds 
number. Most of these aspects make honeycombs preferable to foams for 
the kinetic investigation. 
 
 
Figure 2.23: Corrugate monolith (left) and cordierite honeycomb monolith 600 
CPSI (right) 
 
The ceramic support can also be in foams type: figure 2.24 shows some 
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2.5 - Alternative reactor layouts for fuel cell systems 
 
The need to produce hydrogen in de-centralized plants has led many 
researchers to focus their attention on alternative reactor layouts, applicable 
to both stream reforming and catalytic partial oxidation, with the target to 
reduce the overall reactor size and maximize the thermal efficiency of the 
process. The basic principle of these alternative reactors is to integrate the 
heat exchange mechanisms and/or separation of H2 from the other products 
inside the same reactor [9, 11].  
In the following paragraphs the state of the art of non-conventional 
reactors is described, highlighting their main advantages and drawbacks 
that obstacle their application.  
 
 
2.5.1 - Compact regenerative reformers with concentric 
annular catalyst beds  
 
Figure 2.25 shows an example of a reformer designed by Haldor Topsoe 
for PAFC systems in which the heat for the reforming reaction is provided 
by combustion of the lean anode exhaust gas supplemented if necessary by 
fresh fuel gas [11].  
 
Figure 2.25: Haldor Topsoe heat exchange reformer 
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In this system, reformer fuel is combusted at a pressure of 4.5 bar 
in a central burner located in the bottom of a pressure vessel. Feed gas is 
supplied downwards through the first catalyst bed where it is heated up to 
around 675 °C by convection from the combustion products and the 
reformed product gas, both flowing countercurrent to the feed. After 
leaving the first bed of catalyst, the partially reformed gas is transferred 
through a set of tubes to the top of the second reforming section. The gas 
flows down through the catalyst, being heated typically to 830 °C by 
convection from the co-currently flowing combustion products and also by 
radiation from the combustion tube. The combination of co-current and 
countercurrent heat transfer minimizes metal temperatures. The advantages 
of such a reformer for fuel cell applications are small size and suitability 
for small-scale use, improved load following and lower cost. Several 
companies have been developing reformers of this type including Haldor–
Topsoe, International Fuel Cells (recently renamed UTC Fuel Cells), 





2.5.2 - Plate reformers and micro-channel reformers  
 
In the plate reformer, a stack of alternate combustion and reforming 
chambers are separated by plates[11]. The chambers are filled with suitable 
catalysts to promote the combustion and reforming reactions, respectively. 
Alternatively, either side of each plate can be coated with combustion 
catalyst and reforming catalyst. The heat from the combustion reaction is 
used to drive the reforming reaction. Plate reformers have the advantage 
that they can be very compact and furthermore they allow reducing the heat 
transfer resistance to a minimum. The use of a combustion catalyst means 
that low heating value gases (e.g. anode exhaust gases) can be burnt without 
the need for a supplementary fuel.  
Plate reformers were first developed by IHI in the 1980s; the 
catalyst was in the form of spherical pellets located on either side of the 
heat exchanger surface [75]. More recently, researchers at Gastec designed 
a plate reformer in which the plates were coated with a ceramic-supported 
catalyst. This technology has been later acquired by the US fuel cell 
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company Plug Power. Osaka Gas also built a plate reformer [76], and 
several other companies hold patents on the technology. The most 
advanced types of plate reformers use compact heat exchanger hardware in 
which the catalyst is coated directly onto the exchanger surfaces [77]. The 
concept is shown in Figure 2.26.  
 
 
Figure 2.26: Plate reformer concept 
 
Such devices are being developed in the United States by Pacific 
Northwest National Laboratory, for a 1 kW steam reformer, and by 
Argonne National Laboratory, for a monolithic catalyst-based reformer for 
diesel. Several organizations have developed plate reformers for methanol, 
for example Idatech, Mitsubishi Electric, Innovatek Inc., NTT 
telecommunications laboratory, and Honeywell [78]. Micro-channel 
reactor technology could be applied to other parts of a fuel processor such 
as fuel vaporizers and gas clean-up reactors. However, they suffer from two 
disadvantages: first, the plugging of the channels due to catalyst 
degradation and carbon laydown; second, the fact that the catalyst is 
incorporated into the reactor for life, thereby it is not possible to replace 




2.5.3 - Membrane reactor  
 
Hydrogen is able to permeate selectively through palladium or palladium 
alloy membranes. This has led to the demonstration in the laboratory of 
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membrane reformers (fig. 2.27), where hydrogen is selectively removed 
from the reformer as it is produced. This hydrogen removal increases the 
methane conversion for a given operating temperature above what 
predicted thermodynamically, and the hydrogen produced is very pure, 
making it very suitable for PEM fuel cell systems. Some big companies 
(Exxon, BP, Air Products, and Praxair) are developing membrane 
reformers for large-scale hydrogen production. It is likely that some of 
these can be scaled down to meet the needs of fuel cell systems [40]. 
 
 
Figure 2.27: Membrane module [ENEA] 
 
Several developers are also known to be working on membrane 
reformers for fuel cell systems, examples being Praxair, Tokyo Gas, 
Wellman Defence, Aspen, and Idatech Inc. The systems being developed 
by IdaTech Inc. are perhaps the most advanced of the small-scale 
membrane reformer systems for fuel cell applications [83]. The 
characteristic of the Idatech fuel processor is that it combines an imperfect 
(but lower cost) membrane filter with a chemical purification system to 
generate relatively low-cost but high-quality hydrogen. The fuel processor 
combines the functions of a steam reformer, hydrogen purification, and 
heat generation into a single device producing 99.8% pure hydrogen with 




2.5.4 - Non-catalytic partial oxidation reactors 
 
Non-catalytic partial oxidation is applied industrially by Texaco and Shell 
for the conversion of heavy oils to synthesis gas. As explained in section 
2.2, in a partial oxidation process, without the catalyst, the reactor operating 
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temperatures approach 1150-1200 °C. Hence, the reactor has to be made of 
expensive materials to withstand the high temperatures, and the product gas 
needs to be cooled to enable unreacted carbon material to be separated from 
the gas stream. The high temperatures also mean that expensive materials 
of construction are required for the heat exchangers. In addition, the 
effluent from non-catalytic partial oxidation reactors invariably contains 
contaminants (including sulphur compounds), as well as carbon and ash. 
Due to its complexity and dangerous operating conditions, simple partial 
oxidation has not been a preferred option for fuel cell applications. 
One interesting application of non-catalytic reactors has been the 
so-called plasma reformer or ‘plasmatron’ [11]. This type of reactor has the 
advantages of potentially being compact, operating at moderate 
temperatures with fast start-up capability and good response to load 
changes. The ‘plasmatron’ is a particular type of small plasma reformer 
developed by Massachusetts Institute of Technology (MIT) and licensed to 
ArvinMeritor. It was designed for converting conventional liquid fuels into 
a hydrogen-rich gas for enhancing the performance of internal combustion 
engines. Plasma reformers are also being developed by Wangtec, the Idaho 
National Energy and Environment Laboratory, and by Syngen Inc. All 
these devices have yet to be scaled up and demonstrated in real fuel cell 
systems; however, the Syngen process does look promising for the 
generation of synthesis gas, which has commercial implications for both 




2.6 - Catalyst deactivation  
 
The knowledge of the chemical and physical aspects of catalyst 
deactivation is of great importance for the design of deactivation-resistant 
catalysts, the operation of industrial chemical reactors and the study of 
specific reactivating procedures. Catalyst deactivation is a phenomenon 
that occurs when the catalytic activities decrease proportionally to the 
reduction of the catalyst active surface [36]. Deactivation can occur by a 
number of different mechanisms, both chemical and physical in nature. 
These are commonly divided into four classes, namely [11, 60, 82]: 
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1. Poisoning;  
2. Carbon (coke) Formation or Fouling;  
3. Sintering;  
4. Phase transformation and physical loss of metal.  
 
 
2.6.1 - Poisoning 
 
Poisoning is the loss of activity due to the strong chemisorption on the 
active sites of impurities present in the feed stream and caused by the 
irreversible adsorption of species on the catalyst surface [28,59]. Such 
species include: heavy metals such as lead, copper and zinc; sulfur 
containing species such as hydrogen sulfide and mercaptans; arsenic; 
amines and carbon monoxide. In general, it is not possible to remove the 
poisons by a washing or oxidation procedure (an exception is carbon 
monoxide).   
A poison may act simply by blocking an active site (geometric 
effect), or may alter the adsorptivity of other species essentially by an 
electronic effect [40]. Poisons can also modify the chemical nature of the 
active sites or result in the formation of new compounds (reconstruction) 
so that the catalyst performance is definitively altered. Usually, a 
distinction is made between poisons and inhibitors [60]. Poisons are 
usually substances whose interaction with the active sites is very strong and 
irreversible, whereas inhibitors generally weakly and reversibly adsorb on 
the catalyst surface. Poisons can be also classified as reversible or 
irreversible. In the first case, the poison is not strongly enough adsorbed 
and accordingly regeneration of the catalyst usually occurs simply by 
poison removal from the feed. This is the case, for example, of oxygen 
containing compounds (e.g. H2O and COx) for the ammonia synthesis 
catalysts. These species hinder nitrogen adsorption, thus limiting the 
catalyst activity, but elimination of these compounds from the feed and 
reduction with hydrogen removes the adsorbed oxygen to leave the iron 
surface as it was before. However, gross oxidation with oxygen leads to 
bulk changes which are not readily reversed: in this case the poisoning is 
irreversible, and irreversible damages are produced. In fact, the oxidation 
mechanism likely to occur in a CPOx reaction (see section 3.3.2) when the 
lambda is out of the specification range (also a deviation of 10% in the set 
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point of anode fuel and air can lead to irreversible faults) belongs to the 
poisoning classification [60]. This phenomenon is easily occurring in 
Nickel catalysts, whereas the noble metals better contrast it. The oxidation 
risk is certain at low temperatures (below 500 °C) and is higher than the 
carbon deposition.   
As consequence of the poisoning, the overall catalyst activity may 
be decreased even without affecting the selectivity. However, most often 
the selectivity is affected, since some of the active sites are deactivated 
while others are practically unaffected. This is the case of 
”multifunctional'” catalysts, which have active sites of different nature that 
promote, simultaneously, different chemical transformations. In some 
cases, due to the very strong interaction existing between poisons and the 
active sites, poisons are effectively accumulated onto the catalytic surface 
and the number of active sites may be rapidly reduced [82]. 
The main poisoning mechanism likely to occur in SOFC systems 
with reforming reactor is the sulfur poisoning, already mentioned in 
section 1.6. Its effect on catalyst surface is the same of other deactivation 
mechanisms, i.e. clogging the catalytic sites and reducing the catalyst 
activity. As the sulfur poisoning is a simple exothermic reaction, it is more 
evident at low temperatures: if at 800°C the poisoning of nickel takes place 
with 5ppm of sulfur, at 500°C only 0.01 ppm are enough to achieve the 
same goal. A sulfur poisoned catalyst can be regenerated with hydrogen 




2.6.2 - Carbon Formation or Fouling  
 
Fouling occurs when the catalyst surface is masked by polymeric materials 
or tars, and is often referred to as “coking” on fixed-bed particulate 
catalysts. For catalytic reactions involving hydrocarbons (or even carbon 
oxides) side reactions occur on the catalyst surface leading to the formation 
of carbonaceous residues (usually referred to as coke or carbon) which tend 
to physically cover the active surface [59]. Natural gas, for example, will 
decompose when heated in the absence of air or steam at temperatures 
above about 650 °C via pyrolysis reactions of the type: 
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CH4 → C + 2H2 (2.24) 
 
Another source of carbon formation is from the disproportionation of 
carbon monoxide via the so-called Boudouard reaction: 
 
2CO → C + CO2 (2.25) 
Reaction 2.25 is catalyzed by metals such as nickel, reason why catalysts 
that contain nickel are more vulnerable to this deactivation mechanism. 
Coke deposits may amount to variable percentages of the catalyst, 
and accordingly they may deactivate the catalyst either by covering of the 
active sites or by pore blocking. Sometimes a distinction is made between 
coke and carbon. The difference is however arbitrary: usually carbon is 
considered the product of CO disproportionation (eq. 2.24), whereas coke 
is referred as the material originated by decomposition (cracking) or 
condensation of hydrocarbons. 
The coke formation is therefore the result of the deposition of a solid 
carbon layer, whose thickness depends on the time and chemical species, 
over the catalytic bed, leading to its deactivation [82]. Carbon deposition 
may occur in several areas of the system where hot fuel gas is present; 
therefore, for a fuel cell system, this phenomenon may take place both in 
the fuel reformer and at cell level [11]. Coke formation evolves in three 
different ways, depending on the temperature [36]. At lower temperatures 
(below 500 °C), adsorbed hydrocarbons over the catalyst surface can gather 
and slowly converting into a polymerized layer of “rubber” not active, that 
immediately obstructs the catalyst sites. At higher temperatures, the main 
carbon based product to build up on the catalyst area is the whisker carbon 
(carbon atoms dissolve into metal elements). At temperatures over 600 °C, 
the deposit of olefin can be seen, with consecutive encapsulation of 
catalytic pallets that lead to deactivation [80].  
The catalyst support material can also increase the risk of carbon 
deposition. Indeed, for nickel based reactors, small quantities of alkaline 
metals are applied to the supports in order to inhibit their acidity, which 
eventually would promote the cracking of methane and the related carbon 
formation. 
The carbon formation must be prevented for two reasons. Firstly, as 
already explained, coke deposition on the active sites of the catalyst leads 
to deactivation. Secondly, carbon deposits can cause total blockage of the 
reformer tubes or active surface, resulting in the development of ‘hot spots’ 
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[27, 79]. A particular type of carbon formation occurs on metals, known as 
carburization, leading to spalling of metal in a phenomenon known as 
‘metal dusting’. 
For steam and autothermal reforming, there is a simple expedient to 
reduce the risk of carbon formation from reactions 2.23 and 2.24, and that 
is adding steam to the fuel feed stream [11]. The minimum amount of steam 
that needs to be added to a hydrocarbon fuel gas to avoid carbon deposition 
may be calculated, but in practice, a steam/carbon ratio in the range 2-3 is 
normally employed in steam reforming systems to have a certain margin of 
safety. The principal effect of increasing the steam is to promote the shift 
reaction, which has the effect of reducing the partial pressure of carbon 
monoxide in the fuel gas stream. Since the addition of steam leads to a 
proportional cost increase, it is preferable to use the lowest steam/methane 
ratio compatible with the necessity of controlling the formation of 
carbonaceous residue.  
Another procedure to reduce the risk of carbon formation in a fuel 
cell system is to carry out some pre-reforming of the fuel gas before it is 
fed to the reformer reactor [82]. Pre-reforming is a term commonly used in 
industry to describe the conversion of high molecular weight hydrocarbons 
via the steam reforming reaction at relatively low temperatures (typically 
250-500 °C). This process step (also known as ‘sweetening’ of the gas) is 
carried out before the main reforming reactions. The advantage of carrying 
out pre-reforming is that high molecular weight hydrocarbons, which are 
more reactive than methane, are converted into hydrogen preferentially. 
The pre-reformer products therefore comprise mainly methane with steam, 
together with small amounts of hydrogen and carbon oxides, depending on 
the temperature of the pre-reformer reactor.  
Fixed-bed (except carbon supported) catalysts can be reactivated by 
the controlled combustion of the coke using an inert gas stream and/or 
steam with a low concentration of air [36]. Powder catalysts can sometimes 
be reactivated by washing with suitable solvents, treating with oxidizing 
agents to breakdown the polymeric materials to smaller, more soluble 
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2.6.3 - Sintering  
 
Sintering usually refers to the loss of active surface via structural 
modification of the catalyst. It occurs when crystallite growth of the 
catalytic metal decreases the metal surface area, causing a loss of activation 
properties [59, 80]. This is generally a thermally activated process and is 
physical in nature, taking place for temperatures above 0.5 Tm, where Tm 
is the melting temperature of the metal. Thermal sintering can sometimes 
cause the collapse of the support pore structure [36]. 
Sintering occurs in both supported and unsupported metal catalysts. 
In the former case, reduction of the active surface area is caused by the 
agglomeration and coalescence of small metal crystallites into larger ones 
with lower surface-to-volume ratios. Small particles are more likely to 
undergo this reduction in the active phase due to their tendency to be 
disposed in an ordinated pattern, closer to the ideal one. On the other hand, 
without the presence of the support and a consequent adequate adhesion, 
the extensive agglomeration of the catalyst occurs in a few seconds.  
Two different mechanisms have been proposed for sintering of 
supported metal catalysts [60]: the atomic migration and the crystallite 
migration models. In the first case, sintering occurs via escape of metal 
atoms from a crystallite, transport of these atoms across the surface of the 
support (or in the gas phase), and subsequent capture of the migrating 
atoms on collision with another metal crystallite. Since larger crystallites 
are more stable (the metal-metal bond energies are often greater than the 
metal-support interaction), small crystallites diminish in size and the larger 
ones increase. The second model considers sintering to occur via migration 
of the crystallites along the surface of the support, followed by collision 
and coalescence of two crystallites. In both cases, the sintering slows down 




2.6.4 - Solid state transformation and physical loss of 
metal 
 
Solid-state transformation is a process of deactivation that can be viewed 
as an extreme form of sintering occurring at high temperatures and leading 
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to the transformation of one crystalline phase into a different one. These 
processes may involve both metal-supported catalysts and metal oxide 
catalysts. In the first case, the incorporation of the metal into the support 
may be observed. In the case of metal oxide catalysts or supports the 
transformation of one crystalline phase into a different one can occur [28].  
Catalyst deactivation by physical loss of metal can arise in several 
ways. Metal may dissolve in the reaction medium and be stripped from the 
support. The support material may be attacked and start to dissolve in some 
liquid-phase reactions and the insoluble catalyst fines pass through the filter 
system. Excessive movement of fixed bed catalysts due to pressure 
fluctuations can cause loss of catalyst fines by abrasion. Certain catalysts 
may also suffer from loss of active phase. This may occur via processes 
like volatilization, erosion and attrition [82]. 
The above forms of catalyst deactivation can be overcome by a more 















3.1 - EFESO project 
 
The experimental data used for the validation of the reforming model were 
obtained within the activities carried out for EFESO (Environmental 
Friendly Energy from Solid Oxide Fuel Cell) project, financed by the 
Italian Ministry of Economic Development, led by Ariston Thermo Spa and 
involving several other industrial and academic partners active in the fuel 
cell system research and development. Ariston Thermo is an international 
leader in thermic comfort for domestic, commercial and industrial 
applications, whose range of products includes heating and water heating 
products (gas and electrical boilers), systems (thermal solar and heat 
pumps), services and solutions designed to provide the maximum degree 
of comfort with the minimum use of energy. The R&D division is focused 
on the design and testing of thermal systems at high energy efficiency 
which can represent, in the long term scenario, a valid alternative to the 
common residential boilers. The idea of a combined heat and power 
generator came out from this contest. 
Among the other partners involved in the EFESO project, the key 
players which have offered an appreciable contribution for this thesis were:  
SOFC Power: Italian solid oxide fuel cell manufacturer, which produce 
planar FC stacks, FC modules (Hot Box) and high efficiency µCHP 
generators. Currently SOFC Power is part of a joint venture which involves 
also HTC and Solid Cell.  
Acumentrics: American tubular fuel cell manufacturer, already introduced 
in section 2.2.4. 
Hysytech: engineering and special process equipment construction 
company working on chemical processing, traditional and renewable 
energy, power generation and environment treatment. They are specialized 
86 Chapter 3 – Experimental Setup 
 
in manufacturing of reforming systems for fuel cell applications. 
Environment Park: public joint-stock company that operates 
under a system of free competition. Their activities are aimed to offer 
market solutions for energy saving, waste disposal, clean energy, new 
materials and fundraising. 
 
The main target of EFESO project was to realize four (4) prototypes 
of solid oxide fuel cell based µCHP (µ Combined Heat and Power), to be 
tested and characterized for in-house application to the aim of evaluating 
their potentiality and feasibility to enter definitely the market in the mid-
term scenario.  
The four units realized differ in output power, dimensions and 
technology, as for the following specifications: 
 
1. unit rated 1 kW electrical outlet power, with planar cell technology 
and reforming CPOx integrated in the HB (Hot Box and stack by 
SOFC Power) 
 
2. unit rated 1 kW electrical outlet power, with tubular cell technology 
and internal CPOx reforming, occurring inside the fuel cell (Hot 
Box and stack Acumentrics) 
 
3. unit rated 2.5 kW electrical outlet power, with planar cell 
technology and steam reforming external to the HB (Hot Box and 
stack by SOFC Power) 
 
4. unit rated 2.5 kW electrical outlet power, with tubular cell 
technology and internal CPox reforming (Hot Box and stack by 
Acumentrics) 
 
Each µCHP, whose generic P&ID are shown in paragraph 1.3.2, 
consists of a hybrid electrical-thermal unit which integrates: 
 
 a fuel cell stack, supplied by the two fuel cell manufacturers SOFC 
Power and Acumentrics, planar and tubular configuration 
respectively. In table 3.1 a comparison between planar and tubular 
technology is shown, highlighting advantages and drawbacks of 
both layouts. Figure 3.1 reports some images of both tubular (to the 
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left) and planar (to the right) cells/stack.  
 
Table 3.1 - Comparison between planar and tubular fuel cell technology 
 
 Tubular Planar 
Start-up Time < 1h 5-10 h 
 
Shutdown  Time <1h, no need of anode 
fuel 
Time >4h, anode side must be 
fed until stack temperatures  get 
down 400°C 
 
Thermal Cycles  tolerant  to  high thermal 
gradients  
Extremely sensible to thermal 
gradients because of the sealings 
thermic expansion 
Reforming Internal External 
Current 
Density 
 about 250 mA/cm2 (long 
tubes) 
about 500 mA/cm2 
 
DC Efficiency  42% max Up to 60% with SR 
Thermal losses Approximately 400W ( for 
1kW unit) 




Robust, heavy, big size Compact and light, but complex. 
HB has almost same size as 
tubular one 
BoP Simpler, thanks to the low 
stack pressure losses and 
more tolerant to the air flow 
deviations.  10% accuracy 
on anode flowmeters, 
apparently small accuracy  
on cathode air flow 
More complex and demanding, 
it is possible use the same air 
path for startup and cathode air. 
Stack has high pressure losses. 
Accuracy on anode air/fuel 




Figure 3.1 - Planar and tubular solid oxide fuel cells and stacks [37, 38] 
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 a BoP (Balance of Plant), supplied by Loccioni (measurement and 
control automatic systems manufacturer), that in turn includes 
air/fuel valves, air/fuel feeding systems, desulphurizers (supplied 
by Proeng), flow sensors and temperature/pressure measurement. 
 
 a reforming device, in particular a CPOx reactor supplied by 
Hysytech/SOFC Power  for the 1 kW planar  unit, and steam 
reforming system by Hysytech/SOFC power for the planar 2.5 kW 
unit. The Acumentrics tubular systems presents an interesting 
reforming mechanism, developed and patented by Acumentrics 
itself, described in section 2.2.4.  
 
 water and combustion group unit, same type of those commonly 
used for domestic gas boilers, supplied by Ariston, that also was the 
system integrator and thereby responsible for the fabrication and 
final tests.  
 
 inverter for connecting the system to the grid, by ST 
Microelectronics 
 
 µCHP control system, developed by Loccioni and implemented in 
Labview environment. The software was used in open loop during 
the tests, which means the user could set and vary the parameters 
according to the operating conditions fixed phase by phase in the 




3.2 - Tests setup 
 
As explained above, in EFESO project both planar and tubular stack have 
been tested. Although three prototypes of 1 kW µCHP with tubular layout 
have awarded the batch approval by Gastec (an international certification 
agency) enabling their field test activities for residential applications, the 
experimental data considered for this thesis have all been referred to the 
planar design. The main reason for this choice was addressed to the layout 
of the planar system, including a CPOx reactor external to the stack and 
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located inside the Hot Box. On the contrary, in the tubular Fuel cell Module 
the reforming mechanism described in section 2.2.4 entails one catalytic 
fuel injector for each cell. The standard reactor configuration adopted for 
the planar modules is more appropriate to be used for the validation of the 
CPOx model described in chapter 4.   
 
In fact, the model has been validated through experimental data gained 
in three different test cases:       
 
a) Internal tests on CPOx reactor integrated in the Hot Box 
 
b) Lab tests on CPOx reactor external to the Hot Box, heated up by 
electrical resistances  
  
c) Tests on final 1 kW planar µCHP unit 
 
Tests a and b were performed respectively at Hysytec/SOFC Power 
facilities and at Hysylab laboratories (Environment Park). The 
experimental data measured during test case a are available in the work 
packages issued by Hysytech and SOFC Power within EFESO project [36, 
37, 103], whereas a detailed report of test case b is offered by Environment 
Park deliverable [102]. During tests performed at Hysylab facilities (tests 
b) the reactor was separated by the Hot Box, thereby losing information 
about the thermal integration; however, these tests allowed the 
measurement of concentrations of the products for different operating 
conditions.  
The tests performed at Ariston Thermo facilities on the µCHP final 
units (tests c) were the most complete in terms of set of measured data. 
Indeed, in addition to the local information directly related to the CPOx 
reactor, i.e. reactor outlet temperature and lambda, other relevant 
parameters for the entire SOFC system such as inlet fuel, stack current and 
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3.2.1 - Tests case a: Internal tests on CPOx reactor 
integrated in Hot Box  
 
The first set of data useful for characterizing the model were offered by 
SOFC Power and Hysytech, within the activities of EFESO project [36, 
37]. The test results where shared among all the partners to attest the 
positive results achieved in terms of engineering and manufacturing of the 
integrated CPOx reactor. SOFC Power has setup a test bench in their 
laboratories finalized to evaluate in detail the temperature distribution 
inside the reactor and to measure the product gas composition via spectral 
analysis. The input fuel was natural gas from the grid and the CPOx reactor 
was integrated in a 1000W Hot Box, shown in figure 3.2. The Hot Box in 
this case was used as a dummy stack, that means the stack was not 
generating power during the tests, since the target here was to characterize 
the reactor properties and its thermal integration inside the enclosure, 
without focusing on the fuel cell electrical performance. The integration 
inside the Fuel Cell Module was exploited to reach the reactor operating 
temperatures required for its activation through the contribution of the 
startup burner. In addition, the pre-heating properties, namely the heat 
exchanges occurring inside the hot module and responsible for the warm 
up of the reactant gas path before entering the reactor, were evaluated. 
These aspects are better described in the section 3.2.3, where the analysis 
of the entire µCHP unit is given.  
 
        
 
Figure 3.2 – 1000 W Hot Box tested at SOFC Power facilities [37] 
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The following plots show the experimental measurements carried 
out during different tests on the CPOx reactor. Figure 3.3 reports the outlet 
composition (molar fraction) over the adiabatic equilibrium temperature 
inside the reactor for a lambda of 0.27. The outlet concentrations are 
measured over the entire operating range of the reaction in order to 
characterize the trend of each species with the equilibrium temperature. 
The H2 concentration is represented through the magenta line; its trend is 
increasing with the equilibrium temperature, until the maximum hydrogen 
yield of approximately 0.38 is reached for a reactor temperature around 750 
°C. For higher temperatures, the H2 gain does not rise, as well as the CO 
molar fraction (green line), which stabilizes slightly below 0.20. The red 
dotted line represents the nitrogen N2, which is not consumed by the CPOx 
reaction, therefore its reduction is due to the balance of the species involved 
in the reaction. The methane (blue line) is progressively consumed as long 
as the temperature inside the reactor is increased. Same behavior is offered 
by the CO2 (black line) and H2O (red line), whose output molar fractions 
tend to zero when the reactor operating temperature exceeds 700 °C. The 
oxygen O2 is totally consumed in each condition.   
Figure 3.4 depicts the relation between the reactant pre-heating 
temperature and the temperature of the products at the reactor outlet for the 
same lambda of 0.27. It might be observed that it is not desirable to work 
with inlet reactant temperatures higher than 500 °C. Indeed, besides the 
critical aspects related with the design of the system, above this value the 
reactor temperature exceeds 800 °C, moving out of the stack operating 
ranges.  
 
Figure 3.3 – Reactor outlet molar fractions vs CPOx reaction equilibrium 
temperature for lambda 0.27 
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Figure 3.4 – Reactor outlet temperature vs Reactant inlet temperature for lambda 
0.27 
 
Figures 3.5 and 3.6 report the same results for a different lambda, 
0.30. In this case, both H2 and CO concentrations approach values slightly 
lower than the previous condition with lambda of 0.27. On the other hand, 
the methane conversion is higher, as well as the reactor temperature.  
  
Figure 3.5 - Reactor outlet molar fractions vs CPOx reaction equilibrium 
temperature for lambda 0.30 
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Figure 3.6 – Reactor outlet temperature vs Reactant inlet temperature for lambda 
0.30 
 
However, in the two cases (lambda 0.27 and 0.30) the general trends 
for compositions and temperatures are very similar. A higher lambda 
allows reaching the optimal equilibrium temperatures and conversions also 
with reduced reactant pre-heating (below 400°C), while the lower lambda 
is, the more the reaction moves closer to the theoretical partial oxidation 
limit, with benefits for the hydrogen conversion.   
Similar tests were carried out by Hysytech [36]. Differently from 
the tests performed by SOFC Power, in this case the reactor was not 
installed inside the Hot Box, but characterized on a proper test bench. The 
tests were aimed to identify the reference data for the reactor before its 
installment inside the Fuel Cell Module. Table 3.2 reports the equilibrium 
composition and adiabatic reaction temperature for different lambda and 
with same pre-heating mixture temperature. 
 
Table 3.2 – Product molar fraction and adiabatic reactor temperature for different 
lambda 
 Tin = 230°C 
lambda CH4 CO CO2 H2O N2 H2 Tout  
0.25 4,4% 15,65% 2% 2,36% 42% 34,42% 673,5 
0.27 2,80% 16,16% 2% 2,52% 42,65% 33,87% 688,71 
0.3 1% 16,39% 2% 2,85% 43,78% 33,97% 721,77 
 
The data reported in the table 3.2 are aligned with the results of the 
previous tests shown in figures 3.3 and 3.5. The outlet reactor temperature 
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depends on the pre-heating contribution for the reactant species. In this 
case, for a lambda of 0.25 the low pre-heating effect determines a lower 
methane conversion (residual CH4 is 4%). Tests with lambda of 0.27 were 
carried out at different reactant inlet temperatures. For this condition, the 
plot in figure 3.7 represents the thermodynamic analysis of the reactor 
temperature over the products outlet composition. At 750 °C the methane 
conversion amounts to 93%.  
 
Figure 3.7 - Reactor outlet molar fractions vs CPOx reaction equilibrium 




3.2.2 - Tests case b: Lab tests on CPOx reforming reactor 
prototype 
 
For the EFESO project, EnviPark was appointed to investigate about the 
state of art of reforming technologies for SOFC systems and to bench 
testing the CPOx reactor to be adopted for 1kW SOFC system [102]. With 
relation to this activity, a proper test arrangement has been prepared at 
Hysylab facilities; figure 3.8 and 3.9 show respectively the test bench 
scheme and setup. The test stand included, beyond the reactor itself, a series 
of sensors and actuators disposed to measure pressure, temperatures and 
air/methane flowrate, a gas chromatographs to analyze the outlet 
composition, a condenser for depriving the outlet products of their water 
content, being the gas analyzer based on dry measurements, and an 
hardware/software interface for parameters control.  
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Figure 3.9 – CPOx reactor test bench setup (Hysylab) [102] 
 
In order to approach the appropriate operating temperature for the 
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CPOx reaction, the mixture entering the reactor and the reactor itself were 
heated up by means of three electrical resistances.  The first one, with pre-
heating function, was disposed upstream the reactor to warm up the reactant 
mixture. The other resistances were wrapped to the reactor metal housing 
to permit the activation of the catalyst and enable the reforming reaction. 
The reactor was duly insulated for approaching adiabatic conditions. Five 
thermocouples were installed inside the reactor, laid down the monolith 
channels, in order to measure the temperature in different positions 
(inlet/outlet of the reactor, up/middle/down of the catalyst). In addition, 
several thermocouples were used along the feeding path with monitoring 
purpose and for controlling the set point of the electrical resistances. The 
concentrations of the products species were measured through the gas 
analyzer shown in figure 3.10. 
 
 
Figure 3.10 – Gas chromatograph (Hysylab) [102] 
 
The tests were carried out by varying the input and control parameters as 
following: 
 
- Air/methane ratio (lambda), in the range 0.29-0.4 
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- Input fuel (and hence gas hourly space velocity), between 0.8 and 3 
kW. 
- Pre-heating temperature, between 300 and 450 °C 
- Reactor external temperature, at 450 °C and 700 °C. 
 
The high purity of the methane used for the tests made unnecessary the 
usage of desulphurizers upstream the reactor. Figure 3.11 shows the main 
results extracted by the test session and taken into account for the model 
validation (see par. 5.4.2).  
 
Fuel INPUT: 0.8 kW λ =0.29                                                 Fuel INPUT: 1.2 kW λ =0.29 
                                    
                   
Figure 3.11 – Reactor temperatures and molar output fractions for two different 
operating conditions 
 
For a same lambda (0.29), the effects of different inlet fuel flowrate, 
namely 0.8 and 1.2 kW, were evaluated. The plots show the trend of the 
temperatures measured in different locations of the reactor over the time. 
The reactor temperatures are directly increasing with the inlet fuel. The 
temperature of products exiting the reactor is always lower than the 
temperature at reactor middle position, symptom of the fact that the 
products suffer a cooling downstream the reactor. In both cases, it might be 
observed a boost in the temperatures occurring when the mixture is lighted 
up and the reaction is enabled. For higher fuel flowrate, corresponding in 
turn to higher gas hourly space velocity, the mixture lights up earlier. For 
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the same lambda (0.29), the hydrogen conversion improves with increasing 
input fuel, due to the higher reaction temperatures.  
Many tests were carried out at very high lambda, i.e. 0.4 and 0.5; 
these values are not usually adopted for the SOFC based systems, excepiton 
made for the first phases of reaction, when the system shall be warmed up 
and stabilized. It was already pointed out that an excessive lambda (higher 
than 0.35) could lead to extremely high temperatures during the steady state 
conditions, causing problems from both a mechanical and thermal point of 
view. This is the reason why the results of these tests do not reproduce 
properly the conditions assumed for the CPOx model developed and 
described in chapter 4. Furthermore, the reactor used for these tests had 
different design with respect to what is considered for the model. A more 
detailed explanation about the impossibility to evaluate all the set of results 




3.2.3 - Tests case c: Tests on final 1 kW planar µCHP unit 
 
The interest of Ariston Thermo for the cogeneration systems take its roots 
in a deep and long analysis carried out by the R&D department with the 
aim to offer an high efficiency and low cost  alternative to the standard gas 
boilers. Since many years Ariston was trying to investigate the µCHP 
market, to evaluate its potentialities, feasibility, benefits and drawbacks, 
starting with Stirling based µCHP and then switching to tubular fuel cell 
based units. The goal was to develop a system able to generate electrical 
power to be consumed in-house or to be fed to the grid, and simultaneously 
to guarantee the thermal output proper of a conventional gas boiler. The 
continuous research in this area and the need to stress the electrical output 
from the fuel cell system, in order to remark the benefit respect to a 
traditional thermal system and therefore to justify the big initial investment, 
has led to move toward the planar fuel cell layout, potentially able to offer 
higher electrical efficiencies.  
The last set of experimental data useful for evaluating the 
effectiveness of the CPOx model described in chapter 4 were made 
available through the tests performed at Ariston Thermo facilities on the 1 
kW µCHP and stand-alone Hot Box/BoP group [103].  
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Table 3.3 reports the specifications and operating conditions of the 
planar S-design stack developed by SOFC Power for EFESO project and 
included in the Hot Box installed in the 1 kW µCHP unit. Figure 3.12 
illustrates some photos of the stack drawn from SOFC Power website. It is 
characterized by low pressure drops and can achieve power densities of 400 
mW/cm2 with electrical efficiencies over 45%. The stacks can be fuelled 
with reformed natural gas, reformate gas or hydrogen. 
 
Table 3.3 – Planar fuel cell stack specifications and operating conditions 
 
S-design Stack Specs and Operating conditions 
Nominal Stack Power 1000 W Nominal operating voltage 
per cell  
0.75 V 
Max Stack Power 1250 W Minimum operating 
voltage per cell  
0.6 V 
Operating current range 0-40 A Stack voltage range 35-80  V 
Cell footprint  152 mm x 70 mm    Ideal stack operating 
temperature 
 800 °C 
Active area per cell  80 cm2 Max. stack operating 
temperature  
850 °C 
Stack Depth 290 mm Operating pressure  Atmospheric 
Stack Length  400 mm Fuel  Hydrogen or 
reformate 
Stack Height  600 mm Stack air inlet temperature  700-800 °C 
Cell numbers 60 Stack fuel inlet 
temperature  
700-800 °C 
Auxiliaries power 120 W Nominal stack pressure 
drop  
< 15 mbar 
Min. DC electrical 
efficiency 
34% Thermal cycles /year 20-30 
 
 
   
Figure 3.12 – Planar fuel cell stack (manufacturer SOFC Power) [37] 
 
Figure 3.13 shows some images of the 1 kW µCHP prototype 
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Figure 3.13 – 1 kW µCHP realized by Ariston Thermo [103] 
 
According to the configuration described in section 3.2.1, the CPOx 
reactor has been integrated in the Hot Box module, in a position properly 
engineered to promote the heat exchange toward the stack and heat 
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exchangers and to optimize the pre-heating of the air/gas mixture in the 
path going from the HB inlet to the CPOx reactor. A proper thermal 
integration of the CPOx reactor inside the HB is essential both to reach high 
electrical and thermal efficiency and to guarantee the correct operation of 
the reforming system. This prevents the products mixture to approach 
temperatures which might be dangerous for the catalyst health and for the 
fuel cell anode element, especially during transient conditions. After 
defining the pre-heating temperature operating range, SOFC power has 
designed the best positioning of the reactor inside the Hot Box, carefully 
evaluating the sealing aspects, the minimization of mechanical stress 
related to the thermal gradients between Hot Box basement and stack, and 
the reactor insulating respect to both Hot Box base and cathodic 
recuperator.  
Figure 3.14 reports the scheme and flowchart of the Hot Box 
installed inside the µCHP unit, together with the indication of temperature 
measurement points. The exhaust flue are conveyed to a heat exchanger to 




Figure 3.14 –Hot Box Module installed in 1 kW µCHP: scheme and flowchart 
 
The reactor is heated up through the startup burner during the µCHP 
startup phase, together with stack and offgas burner. The startup time falls 
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between 6-8 hours, according to the thermal gradient set for the warm up, 
which usually is in the range of 100-120 °C per hour. This slow warm up 
is necessary to obtain a uniform and stable stack heating and to avoid the 
risk of thermal shock.  The catalyst turns active starting from 400 °C; 
however, the inlet CPOx air and fuel valves only open when the reactor 
temperature, measured through a contact thermocouple located inside the 
reactor, exceeds 550°C. In the startup phase, the air is forced to flow 
through the ignition burner area before conveying to the reactor housing 
and stack. Later on, it enters the cathodic recuperator, where the heat 
exchange allows the warm up of fresh air before the startup flow is directed 
to the exhaust.  
The transition from startup phase to CPOx phase (closing startup fuel 
valve and opening anode air/fuel valves) occurs when the following set 
points are achieved:  
 
1) The reactor  catalyst temperature TCPOx  exceeds 550 °C 
 
2) The off gas burner temperature, measured on the post-burner 
surface and index of the combustion quality of unreacted species, 
shall be higher than 620-650 °C for ensuring a proper combustion 
in compliance with CO/CO2 international emission standards.  
 
The average reformate outlet temperature is around 700°C. 
Table 3.4 includes the sequence of the design operating phases and related 
parameters set for the power up of the 1 kW µCHP unit. As it might be 
observed by looking at the related column, the lambda set point, for each 
condition, was determined by SOFC power based on preliminary design 
studies and experimental in-house testing. The lower limit was fixed to 
0.27, as the carbon deposition risk was evaluated too high below this value. 
Immediately after enabling the inlet fuel valve, the lambda is kept 
considerably high, around 0.45, in order to speed up the internal heating of 
catalyst reactor and reach autothermal conditions quickly. When the reactor 
temperature rises over 600 °C, the lambda can be decreased to 0.31. During 
the fuel cell operation, when current is drawn from the stack, lambda is 
decreased down to 0.29 or 0.27/0.28, depending on the desired output 
(electrical and thermal) conditions. 
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Table 3.4 – 1 kW µCHP startup phases and operating conditions 
 
Phase Set Point  
Fuel Anode 
λ Set Point 
Air Anode 
Remarks 
 Nlpm KW  / Nlpm   
LATE START 
UP 
0,500 0,300 0,455 2,167 fuel/air mixture to 
CPOx enabled when 
TCPOx exceeds 550°C 
and Toffgas burner > 
650°C 
0,500 0,300 0,410 1,952 
0,500 0,300 0,360 1,714   
0,500 0,300 0,330 1,571 
0,500 0,300 0,310 1,476 
OPERATION 
1,000 0,600 0,310 2,952 Run phase (the stack 
generates electrical 
current) starting when 
the average stack 
temperatures are above 
700°C. The more the 
power generated by the 
fuel cells is, the more 
input fuel is required, 
and the lambda is 
adjusted accordingly 
together with other 
relevant parameters 
(e.g. cathode air inlet). 
1,500 0,900 0,290 4,143 
2,000 1,200 0,290 5,524 
2,500 1,500 0,290 6,905 
3,000 1,800 0,290 8,286 
3,500 2,100 0,290 9,667 
 
Figures 3.15-3.17 report the plots of the main SOFC system 
parameters versus the time over the entire operating range: startup, early 
ramp up (or late startup), operation and standby phases. The operating 
conditions for the run phases were varied according to the values shown in 
table 3.4. Figure 3.15 shows the temperature trends, measured through the 
thermocouples positioned as indicated in the Hot Box scheme in figure 
3.14. The first plot reports the stack temperatures (top and bottom of the 
stack, respectively blue and green line) and the temperature measured over 
the catalyst surface inside the reactor (T CPOx, red line). The second plot 
included in Fig. 3.15 represents the offgas burner temperatures (T PC 1, in 
magenta, and T PC 2, in green) and inlet and outlet air temperatures (T air 
in, cyan line, and T air out, black line). Figure 3.16 depicts the trends of 
anode air and fuel flowrates (PV anode air, in blue, and PV anode fuel, in 
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red), together with the startup burner fuel flowrate (PV startup fuel, green 
line). The lambda trend is reported in the bottom plot of figure 3.16. In the 
graph legend, PV stands for Present Value, which indicates the 
instantaneous parameter value measured through the sensors, whereas SP 
means Set Point, that is the design operating condition for the same 
variable. As described in section 3.3, a deviation between PV and SP values 
out of the range of tolerance indicates a faulty condition. Figure 3.17 
includes the plots of cathode air flowrate (PV cathode air, green line), input 
fuel power (Fuel consumption, red line), stack voltage (in blue) and stack 
current (in black).  
 
 
Figure 3.15: µCHP performance: stack, CPOx reactor, post combustor and air 
temperatures vs time 
 
Figure 3.16: µCHP performance: anode air and fuel flowrates, startup burner 
flowrate and lambda vs time 





































































Figure 3.17: µCHP performance: cathode air flowrate, fuel consumption, stack 
voltage and current vs time 
 
By analyzing the figure 3.15, it can be observed that during the 
startup phase the temperatures rise homogenously, thanks to the heating 
contribution brought by the startup burner. As soon as the operating 
temperatures for offgas burner and CPOx reactor mentioned above are 
reached, the anode line is enabled. This occurs around minute 220, when 
the opening of the anode fuel and air valves determine the rise in the CPOx 
temperature, symptom that the CPOx reactor is activated and the reaction 
enabled. As shown in figure 3.16, in the ramp up phase the lambda value is 
kept quite higher (in the range 0.45- 0.35) in order to promote the total 
oxidation reaction responsible for the initial warm up of the CPOx reactor. 
The lambda is then decreased to the nominal operating value (0.28-0.29) 
when moving to the run phase. At the same time the anode fuel is activated, 
the stack starts to generate voltage in open load conditions (Open Circuit 
Voltage, OCV) (Fig. 3.17). The OCV for the 60 fuel cells stack realized by 
SOFC Power is fixed to approximately 60 V. As mentioned in the table 3.4, 
the operation phase, that is when the stack is able to produce electrical 
power, starts when the average of stack top and bottom temperatures 
exceeds 700°C. At this point (around minute 460) it is possible to switch 
off the startup burner, since the system is warm enough to be able to rely 
on the combination of stack, CPOx and offgas burner reactions for 
achieving its thermal auto-sustaining. Once concluded the startup phase, in 
the operation phase the current can be drawn by the stack. As shown in 
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figure 3.17, progressively with the increase of anode air and fuel flows, the 
stack current is raised step by step from 1 to 10 A, and the stack voltage 
decreases accordingly. It is important to note the behavior of stack top and 
bottom temperatures immediately after the stack begins to produce 
electrical power. Indeed, with respect to their initial trend, which has seen 
both top and bottom stack temperatures growing up similarly, they start to 
diverge and progressively distance each other as long as the electrical 
performance of the stack are enhanced.  
The CPOx temperature mostly oscillates around 700 °C when the 
current is quite low (early rump up and standby phase), and raises up with 
increasing current. The power ramp down is done in the same way, only in 
reverse, until the standby phase is reached (stack only generating small 




3.3 - Fault events in a CPOx reforming system 
 
As described in section 2.6, several critical events may occur both in CPOx 
reactors and in integrated SOFC systems (Hot Box). They could 
irremediably damage the catalyst and may also affect the cell performance 
over time. These events, which are commonly indicated as faults, might be 
generated after a blackout, a variation in fuel inlet pressure, a fuel or 
cooling air shutdown, valves or sensors drifting. Each of these faults may 
lead to either small or catastrophic effects for the related components, such 
as catalyst deactivation or stack failure.  
A detailed description of the faults most likely to occur in a SOFC 
system, analyzed by means of fault tree analysis and fault diagnosis 
schemes, was given by the University of Salerno, Department of Industrial 
Engineering (Eprolab) [6,85,86]. It is briefly reported afterward, with focus 
on the reforming system, main topic of this thesis.  
Fuel reforming catalysts operate at temperatures in the order of 700-
800 °C, but in some abnormal conditions may exceed 1000 °C. These high 
temperatures lead to a variety of degradation mechanisms over time and 
represent a significant challenge in meeting the durability requirements. 
Additionally, the fuels can contain variable levels of sulphur, which can 
lead to the problems described in previous paragraphs. Degradation can be 
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caused by carbon and particulate build up (fouling), sulfur attack on the 
reforming catalysts, corrosion/erosion of heat exchange surfaces and 
thermal induced migration of materials leading to deactivation. The 
degradation leads to changes in the composition and temperature of the fuel 




FMEA (failure mode and effect analysis) 
 
In Tables 3.5 an FMEA (failure mode and effect analysis) for a SOFC 
reformer system is reported, listing some possible reformer degradation and 
failure modes. The FMEA is a formalized method to consider all 
components, their functions, failure modes and causal system failures. 
FMEA starts with listing for all the components their operating and failure 
modes, then considers possible causes for each faulty mode and describes 
their effects for the unit under consideration and for the complete system. 
This analysis can be very useful to relate each fault with its causes and 
effects on the other components and on the overall system. In addition it 
also accounts for the fault tree construction, because listing the causes that 
lead to a fault or failure mode it is possible to create a fault tree level, 
whereas the effects may correspond to the basic events. The strength of 
FMEA is its completeness, but is often a very time-consuming procedure 
[6]. Similar analysis for the specific issue of the SOFC reforming system 
are not easily available in literature. Indeed, apart from the SOFC systems 
manufacturers, which are required to perform FMEA and hazard analysis 
to take into account the problems which can be experienced by the end 
users, only a few researchers in the fuel cell field are focusing their studies 
on the failure modes and system diagnosis. Therefore, the contribution of 
the FMEA herein reported is appreciable and represents an important 
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FTA (Fault Tree Analysis) 
 
The Fault Tree Analysis is a methodology that can support both system 
design and diagnosis strategies definition. Its target is therefore to generate 
a fault symptom table for the development of a diagnostic scheme aimed at 
performing fault isolation process for on-field operating SOFC systems. 
Starting with a top event, that could be a system/component failure, fault 
or malfunction, the goal of FTA is to determine, with a top-down approach, 
all the causes that may lead to it, and the relationships between them. The 
trees are structured in different levels, such as the top events can be caused 
by individual or combined lower level failures or events. When a single 
component fault has to be investigated, the tree levels can comprise both 
events that are proper of the component itself, i.e. its degradation modes or 
its materials failure, and events that are located in different parts of the 
system and are therefore due to other devices malfunctions. At the same 
time, the top event, which represents the upper tree level, might be an 
intermediate level for a larger tree that embraces the overall system. Thus, 
FTA is a methodology for determining the combinations of the component 
level failures that could result in the occurrence of specific failures at a 
system level, resulting as an important tool for the fault isolation process 
[85].  
A fault tree mainly consists of some events combined to each other 
by some logic gates. There are several kinds of primary events (not further 
developed) in a fault tree: Top Event, Intermediate Events, Basic Events, 
Undeveloped Events, External Events [6]. AND and OR are the most 
frequently used gates in fault tree structure. However, other logic gates 
might also appear in some fault trees, such as XOR, NAND, etc. The legend 
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Table 3.6 – Fault tree symbols, nomenclature and description 
 
Symbol Primary Event Description 
 
Basic event / 
Symptom  
A basic initiating fault requiring no 
further development or the  




Specific conditions or restrictions that 




An event which is no further developed 
either because it is of insufficient 








A fault event that occurs because of one 
or more antecedent causes acting through 
logic gates 
Symbol Transfer Description 
 
Transfer Indicates that the tree is developed at the 
occurrence in other pages. It is used to 
avoid extensive duplication in a fault tree  
Symbol Gate Description 
 
AND Output fault occurs if all of the input 
faults occur 
 
OR Output fault occurs if at least one of the 
input faults occurs 
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A CPOx reforming reaction requires precise and strict quantities of 
both fuel and air; when these amounts are different from the design set 
points (beyond a tolerance of 5 %) it might be caused by faults in either 
fuel or air feeding circuit. 
In figures 3.18 and 3.19 some examples of fault trees are shown 
[6,85], each relative to a different top event. When the faulty reformer 
operation is caused by the lack of fuel entering the reactor, the problem has 
to be found in the fuel feeding circuit (Figure 3.18). This latter can be 
caused by any of following faults: fuel leakage in the pipe upstream the 
reformer inlet point, a fault in the fuel compressor (if present) or a 
malfunction of the anode fuel control valve regulating the fuel flow 
entering the system (intermediate events represented by rectangular 
symbols in the second layer of Fig. 3.18). The undeveloped event symbol 
(i.e. diamond) stands for a boundary mechanism that does not properly 
concern the system (i.e. leakage in fuel feeding system upstream the SOFC 
system inlet).  
The fault tree relative to a generic pre-reformer fault is reported in 
Figure 3.18. Assuming that air and fuel quantities are those required for a 
nominal and correct reforming reaction, a problem may arise in the 
component, i.e. catalyst degradation and erosion of heat exchange surfaces. 
Some symptoms here listed are difficult to be directly observed in a typical 
SOFC system, due to their complex nature (i.e. NiS, CuS and soot 
formation), though it is possible to observe their effects on the overall 
reaction (i.e. blocking of reaction active sites).      
 




Figure 3.18- Fault Tree fuel feeding system 
 
After the theoretical analysis oriented to offer a general description 
of the abnormal conditions which may arise when working with a 
reforming device installed in a SOFC system, some of the faults listed in 
table 3.5 were verified with the support of the experimental data made 
available by the tests on µCHP carried out by Ariston Thermo within the 
EFESO project. During the test activities on the planar 1 kW µCHP, two 
of these faults, namely carbon deposition and catalyst oxidation, occurred, 
and their effects on the system were evaluated. These faults have then been 
accounted for in the model described in Chapter 4, with the purpose to test 
the diagnosis algorithm and to demonstrate that the model can be used as a 
fault diagnosis tool. As described in chapter 5, by considering the fault 
events in the model, it is possible to verify whether the real effect of the 
faults on the reforming reactor parameters is properly reflected by the 
simulated conditions.  




and reduction in the 
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3.3.1 - Fault 1: carbon deposition  
 
An anode fuel valve drifting occurred during the startup of one µCHP 
prototype during the test activities carried out at Ariston Thermo 
laboratories. In the late startup phase, as soon as the temperatures were 
sufficiently high to enable the anode air/gas path (with catalyst already 
active), the set point for lambda was fixed to 0.46 to promote the quick 
warm up, as reported in table 3.4. The control of the operating phases was 
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in open loop, this means the operator manually set the input conditions for 
each parameter and monitored their trend in case of alarms. When giving 
the signal for both air and fuel valves to open with the designed set point 
(0.5 Nlpm fuel and 2.2 Nlpm air flow, thereby lambda of 0.46), an offset 
of the fuel valve, probably due to an improper installation and calibration, 
caused the fuel flow to be much more than expected, i.e. 3.3 Nlpm. This 
drifting determined a large decrease in lambda, which dropped to 0.06, well 
below the minimum value allowed for preventing the carbon deposition, 
responsible for the deactivation of the catalyst. 
Figure 3.20 shows the trends of the temperatures measured in 
different points inside the Hot Box. It is clear that the startup was not 
successfully, since the stack temperature never reached the 700°C required 
for enabling the stack electrical output. As soon as the anode line was 
opened, the excessive anode fuel flowrate led to a marked decrease in the 
CPOx temperature, visible around minute 263. In nominal conditions, the 
CPOx temperature would have exhibit a positive peak at the activation of 
the reactor. The fault detection appears clear when looking at the plots 
reported in figure 3.21. Here, the time on x-axis is restricted to the period 
interested by the fault event. In addition to the detail of the CPOx 
temperature also shown in figure 3.20, the anode fuel and air flowrates, as 
well as the lambda value, are reported. For these variables, both the Present 
Values and the Set Points are represented, to remark the difference between 
anode fuel SP (green line) and PV (red line). In turn, this deviation is 
reported to the lambda (blue line against red line in the third plot of the 
same figure 3.21).  The detection time for this fault, intended as the period 
needed for the supervisory system to receive the signal, elaborate the 
feedback given by the air/fuel sensors, realize that the system was working 
out of the design conditions and force the system to shutdown, was 
extremely short, less than 120 seconds. Nevertheless, the effect was fatal 
for the catalyst, which was eventually heavily affected by the fuel stream 
being out of specifications, causing the carbon deposition phenomenon.  
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Figure 3.20- Fault 1 event: stack, CPOx reactor, post combustor and air 
temperatures vs time 
 
 
Figure 3.21- Fault 1 event: TCPOx, anode air and fuel flows, lambda vs time (period 
restricted) 
 
This event was indeed confirmed by the test made afterwards with 
a second startup attempt for the µCHP. It was unsuccessful since the reactor 
temperature never raised above 600 °C, as shown in the plots of Figure 
3.22. The impossibility of the reactor to approach the nominal operating 
conditions is a clear symptom of a reduction of the catalyst active surface 
and, not confirmed but feasible, of the stack cells as well (fault detection). 
Respect to the nominal operating conditions, it might be observed an 
uncontrolled increase of the both stack and air outlet temperatures. This 
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behavior implies that most of the fuel did not react inside the catalyst but 
downstream into the stack itself and post burner. A detailed explanation of 
this fault mechanism and its consequences for the system are given in 
section 5.5.  
 
Figure 3.22- Fault 1 isolation: stack, CPOx reactor, post combustor and air 
temperatures vs time in the µCHP  startup afterwards the fault occurrence 
 
 
Figure 3.23 reports the trend of anode air and fuel flowrates and 
lambda value, together with their nominal set points, for the time range 
between minute 150 and 600. A detail of the CPOx reactor temperature is 
also given. It may be noted that the present values for both anode air/fuel 
flowrates and lambda did not deviate from the nominal design set points; 
however, the reactor temperature did not rise as expected, meaning that the 
system was not working properly.  
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Figure 3.23- Fault 1 isolation:  TCPOx, anode air and fuel flows, lambda vs time 
(period restricted) in the µCHP  startup afterwards the fault occurrence 
 
Additional proof of the faulty behavior of the SOFC unit, which 
permits the fault isolation, was given by the low stack voltage when in OCV 
mode. As shown in figure 3.24, the maximum stack Open Circuit Voltage 
was approximately 6 V, ten times less than the expected value (60 V as 
reported in figure 3.17). This means that there was not enough hydrogen in 
the cells to enable the nominal fuel cell reaction and to generate the nominal 
stack OCV.  
 
 
Figure 3.24- Fault 1 isolation:  stack voltage in the µCHP  startup afterwards the 
fault occurrence 
 
When the catalyst reactor is deactivated the methane might flow 
unconverted through the reforming device and directly burn inside the stack 
or into the offgas burner. Furthermore, the unreacted fuel might come in 
contact with the cathode air flow, whose O2
- ions pass through the 
electrolyte to reach the anode side. Such phenomena may damage also the 
stack cells and the sealing. 
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3.3.2 - Fault 2: Catalyst oxidation 
 
During a further session of experimental tests on planar µCHP prototypes, 
a similar problem to the fault event described in previous paragraph 3.3.1 
was experienced, with the only difference that this time the drift occurred 
at the anode air valve. The startup and ramp up phases of the µCHP were 
successful, and electrical power up to 600 W was generated by the stack 
(Figures 3.15 - 3.17). As shown in figure 3.17 in section 3.2.3, after the 
power ramp down the current was reduced to 1 A only, in order to leave 
the system in standby mode over the night. After a stable phase were all the 
operating parameters were within design specifications, at a certain 
moment, suddenly and progressively, the anode air valve started to increase 
its opening, resulting into more air flow towards the catalyst reactor. On 
the anode side, the fuel stream remained constant at the desired set point. 
This strange behavior of the anode air valve might be generated by a fatal 
error of the control system, which crashed while the system was in standby 
phase. The reasons why only the anode air control valve failed were 
investigated after the fault occurrence. They were identified in a bug in the 
air valve setting configuration. The uncontrolled opening of the anode air 
valve while the fuel stream remained constant led to a peak of 0.9 for 
lambda, very close to the stoichiometric combustion ratio. As shown in 
figures 3.25, the rise in lambda produced an analog peak in CPOx 
temperature, whose value approached 1200 °C, indicating that a complete 
combustion occurred inside the reactor.  
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Figure 3.25- Fault 2 event: TCPOx, anode air and fuel flows, lambda vs time 
 
The cooling air flowrate did not change respect to the previous set-
point, and the result was an excessive overheating of the CPOx reactor, 
stack and Hot Box enclosure. The safety thermostat monitoring the CPOx 
reactor tripped when the threshold temperature was exceeded, leading the 
system to a forced shutdown.  
The consequences were obviously relevant for the CPOx reactor, 
but not as much catastrophic as those experienced with the carbon 
deposition event. The excessive amount of air inside the inlet mixture 
feeding the reforming system generated combustion and most likely the 
oxidation of several active sites of the catalyst. The severity of catalyst 
deactivation was linked to the part of the reactor interested by the 
combustion and by the fault duration (the time the system was running in 
faulty conditions). Indeed, it is also possible that part of the catalyst can be 
oxidized before the combustion reaction takes place, but then the ignition 
of the mixture removes the unreacted oxide obstructions, thereby 
regenerating some catalyst cells. On the other hand, it is also possible that 
the combustion may damage both the catalyst and reactor material and 
insulation, but the active surface can remain unchanged. In this case, the 
temperature inside the reactor in the subsequent µCHP startup would be 
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lower but quite similar to the operating one. A detailed explanation of this 
fault mechanism and its consequences for the system are given in section 
5.6.  
As in the previous case, the fault isolation becomes possible when 
proceeding with a SOFC unit second startup attempt afterwards the fault 
occurrence. Figure 3.26 shows the trends of stack, reactor, post combustor 
and air temperatures. The CPOx temperature stabilized around 600 °C and 
was below 650 °C in the entire operating range, symptom of a faulty 
behavior of the catalyst reactor. On the contrary, the stack temperatures 
were not consistently affected by the fault. Indeed, they were not much 
different from the nominal condition reported in figure 3.15, even if they 
heavily diverged starting from minute 550, as soon as the system was 
shutdown, with the stack top temperature approaching dangerous values. 
Same trend is exhibited by the air outlet temperature. This is due to the 
thermal inertia of the system, which lasted until the excess heat was all 
depleted. Figure 3.27 demonstrates that the other relevant parameters, such 
as anode air/fuel flowrates and lambda, were in accordance to the set points 
designed for those operating conditions. 
 
Figure 3.26- Fault 2 isolation: stack, CPOx reactor, post combustor and air 
temperatures vs time in the µCHP  startup afterwards the fault occurrence 
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Figure 3.27- Fault 2 isolation:  TCPOx, anode air and fuel flows, lambda vs time 
(period restricted) in the µCHP  startup afterwards the fault occurrence 
 
The main conclusion which can be taken by analyzing the above 
graphs is that the only variable to clearly indicate a faulty behavior was the 
CPOx reactor temperature. In fact, as shown in figure 3.28, the stack 
voltage was only slightly lower than the expected values (OCV slightly 
below the nominal 60 V displayed in figure 3.17). Electrical power was 
drawn by the stack up to 400W.  
 
 
Figure 3.28- Fault 2 isolation: stack voltage in the µCHP startup afterwards the 
fault occurrence 
 
However, after operating for some time at these conditions, in the 
fourth startup subsequent to the fault event the µCHP performance suffered 
a drastic worsening and considerably decreased.  
 








































122 Chapter 3 – Experimental Setup 
 
 
Figure 3.29- Fault 2 isolation: temperatures and anode flows in the fourth µCHP 
startup afterwards the fault occurrence 
 
Figure 3.30- Fault 2 isolation: deltaT stack top-bottom and air flows the fourth 
µCHP startup afterwards the fault occurrence 
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As depicted in figures 3.29, 3.30 and 3.31, in this last thermal cycle 
the CPOx temperature was never able to increase as expected. It oscillated 
around 600 °C for the entire test. In order to maintain high temperature, 
without the contribution of the CPOx autothermal reaction, the fuel start up 
burner was hold ignited until the stack temperature exceeded the designed 
threshold. The stack temperatures followed a trend similar to what 
observed in the µCHP startup after fault 1 (Fig. 3.22). The difference 
between stack top and stack bottom temperatures was boosting from 20 °C 
in the late startup phase to the 120 °C corresponding to the end of the power 
ramp up phase and shut down starting point (fig. 3.29). However, also in 
this case the CPOx temperature showed a faulty behavior but at the same 
time the stack was able to generate power, which was remarkably lower 
than the previous tests. Indeed, in this last test the stack power reached only 
100 W, before the excessive air outlet temperature and stack top 
temperature required a controlled shutdown of the system for safeguarding 
the operator safety. This indicates that the catalyst had still some active 
sites, which allowed the generation of a certain quantity of hydrogen able 
to react inside the fuel cells, opposite to what happened when a carbon 
deposition fault was detected. Due to the reduced effectiveness of the 
catalyst, the reaction inside the reformer was not completed. A certain part 
of the reactant mixture did not react inside the CPOx reactor and reached 
directly the stack, where both reforming reaction and combustion with the 
unreacted methane occurred. It is possible to investigate about the state of 
health of the stack by analyzing the voltage of the single clusters of the 
SOFC stack, shown in figure 3.31. The clusters are groups of adjacent cells 
which are electrically connected in series, such that the total stack voltage 
is computer by summing the voltages of all the clusters. In this case, each 
cluster is composed by 6 cells, for a total of 60 cells (Table 3.3). As may 
be observed in figure 3.31, some clusters were finally affected by this faulty 
phenomenon, as their trend is far from the expected values. As 
consequence, in addition to the catalyst reactor, it was necessary to re-
generate the cell stack as well.  
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Figure 3.31- Fault 2 isolation: cluster cells voltage the fourth µCHP startup 
afterwards the fault occurrence 
 
In conclusion, from a performance point of view the catalyst 
oxidation fault is less invasive than the carbon deposition, since the SOFC 
system is still able to operate for a certain time even if out of the nominal 
range. On the other hand, from an industrial and maintenance perspective, 
the catalyst oxidation phenomenon may affect also the stack if not detected 
in the due time, whereas in case of a carbon deposition event, the stack 
replacement can be avoided. This is a relevant problem for industrial and 
commercial issues, especially for warranty and maintenance, and indeed is 
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CPOx Dynamic Model 
 
 
4.1 Reforming Models in SOFC systems: literature 
review 
 
When referring to the general topic of fuel cell systems, several reforming 
models can be found in literature for each of the reforming mechanisms 
described in previous sections (SR, CPOx, ATR). Historically, the most 
investigated method for fuel reforming in fuel cell has been the steam 
reforming, and in turn the first mathematical models were developed in 
respect of this trend. In recent years, though, the large number of studies 
carried out on CPOx reactors and catalysts species has increased the 
interest toward these methods. Independently from the type of fuel cell 
system and reforming technology analyzed, each model can be 
characterized by several aspects: 
 
- Steady state or dynamic 
- Adiabatic or non abiabatic 
- Chemical and/or thermodynamic  
- Kinetics 
- Space dimension 
- Control and diagnostics 
 
In most of the cases a reformer model is based on chemical equilibrium. 
Model inputs generally include the in-flow thermodynamic data 
(temperature, pressure) and chemical species compositions. The final aim 
is to calculate the outflow products temperature and pressure, as well as the 
output chemistry and change in other thermodynamic properties, such as 
enthalpy, entropy and free energy [29]. In a generic zero-dimensional 
model [8, 87], the reactants are typically specified by the user by adopting 
industry-standard quantities, such as the molar steam-to-carbon (S/C) and 
oxygen-to-carbon (O/C) ratios. The corresponding water and air flow rates 
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are then calculated as a function of carbon moles in the inlet fuel flow 
(which is typically varied to satisfy a fuel cell power requirement). In 
addition, S/C and O/C ratios can be varied to cope with a given enthalpy 
change requirement, such as a true autothermal mixture, where the net 
change in enthalpy is zero. Pressure drop and heat losses in the reformer 
can be either set constant or evaluated via suitable correlation as a function 
of other operating parameters.  
As already recalled in chapter 2, the thermodynamics aspects of the 
three main reforming methods for fuel cell systems have been largely 
investigated by Y-S. Seo et al. [8]. The influence of the fuel composition 
on methane CPOx, has also been analyzed [26, 88, 89, 90], namely through 
the addition of other chemical species (N2, CO2 or H2O) to the inlet feed 
stream.  In particular, Donazzi et al. [90] demonstrated experimentally and 
numerically that by diluting methane/air mixtures having constant O/C 
ratio with N2 or CO2, the gas temperatures and fuel conversion decrease. 
On the other hand, the H2/CO ratio increased for N2 and decreased for CO2 
dilution.  
Jahn and Schroer [29] presented a lumped element model of a natural 
gas steam reformer being part of a residential fuel cell power plant. The 
physical laws are represented by ordinary differential equations. The 
lumped elements are wall, ground plate, burner, reactor and evaporator, and 
each of them is assigned one uniform temperature. A simple lumped model 
allows simulating a reduction in active sites available for the reforming 
reaction, resulting in different composition of flows entering the anode. In 
addition, faults occurring in the systems that supply water and fuel, thus 
not concerning the specific reformer reactor, might be taken into account.  
Nielsen and Kær [91] gave an example of a steam reformer model for 
PEM systems. They considered a tubular fixed bed reactor and modeled the 
thermodynamic, chemical, kinetics and diffusion aspects of the reactions 
through a two-dimensional partial differential equation (PDE). This model 
only accounted for processes taking place in the reactor, whereas 
evaporator and burner where not considered. For the simulation a finite-
difference discretization was applied. 
With relation to the CPOx modeling, Bizzi and Saracco [16] developed 
a model of a fixed bed reactor for the catalytic partial oxidation of methane 
to synthesis gas at short contact time. The transient model, one dimensional 
in space, accounts for separate energy equations for the gas and solid 
phases, inter-phase heat and mass transfer, internal radiation within the 
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fixed bed, longitudinal gas-phase dispersion and detailed surface kinetics. 
The model is aimed to analyze the influence of the feedstock composition 
and temperature on reactor conversion and selectivity performance. 
Navalho et al. [92] developed a unidimensional heterogeneous 
mathematical model for catalytic partial oxidation of hydrocarbons, 
considering a rhodium-based catalyst applied to adiabatic and non-
adiabatic honeycomb monolith reactors. The influence of radiative heat 
losses on the non adiabatic reactor performance was numerically 
investigated when varying the operating conditions, such as fuel flow rate, 
air to fuel equivalence ratio and fuel composition. 
The knowledge of the intrinsic kinetics is a key issue in numerical 
modeling endeavors. With a reliable reaction mechanism as well as by 
accounting for proper heat and mass transport mechanisms the numerical 
models can support reactor improvements. One dimensional mathematical 
models have been broadly used in literature to capture the reactor 
performance in a direct way [93, 26, 88]. Nogare et al. [94] applied a plug 
flow model and a heterogeneous model, both considering detailed methane 
CPOx chemistry, and concluded that the former was not adequate to 
accurately predict species profiles in the first region of the catalyst, while 
the heterogeneous model gave satisfactory results in the whole range of the 
catalyst. Maestri et al. [93] applied a heterogeneous dynamic model, 
considering radiation in solid phase through an effective conductivity and 
employing global methane CPOx chemistry, to analyze the performance of 
catalyst supports. They considered spheres, foam and honeycomb 
monoliths in a packed bed reactor with emphasis on the role of external 
transport properties on steady-state and start-up regimes. Tavazzi et al. [19] 
concluded for a packed bed reactor that high feed flow rates and low 
preheating temperatures contribute to reduce the relative heat losses from 
the reactor, improving its adiabaticity. For honeycomb monoliths, the flow 
rate influence on reactor performance was explored numerically by Liu et 
al. [51] and by Beretta et al. [95]. 
Radiative heat transfer can play an important role on the overall heat 
transfer phenomena, mainly due to the high temperature gradients that arise 
in some sections of a catalytic monolith reactor [96]. The proper study of 
both thermal radiation and redistribution of the energy released by chemical 
reactions along the catalyst bed is important to reduce the temperature 
gradients. In the majority of 1D CPOx heterogeneous models, radiative 
heat transfer in the solid phase has been considered through an effective 
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heat conductivity corrected with a radiative contribution. For instance, 
concerning honeycomb monoliths, Lee and Aris’ radiative correlation [96] 
has been extensively applied. In fact, the diffusion approximation of 
radiative heat transfer significantly reduces the complexity of the 
underlying heat transfer mechanism; however, close to the boundaries of a 
non-adiabatic reactor, where radiative heat losses to surroundings are 
expected, this approach is not effective enough [97]. Radiative heat losses 
from the interior of CPOx reactors have received few attention in literature, 
mostly due to the axial radiative insulation provided by the application of 
inert heat shields that surround the catalytic structure. However, even with 
the application of heat shields a perfect insulation is not guaranteed and 
most of modeling studies only account for radiative losses on boundary 
conditions [19, 88, 95]. 
A well-known serious disadvantage during catalytic partial oxidation 
operation is the occurrence of surface hot spots, which can lead to an 
unhealthy catalyst thermal behavior. In fact, high catalyst temperatures can 
cause thermal deactivation mechanisms. Carbon formation, sulphur 
poisoning and other catalyst deactivation modes were intensively studied 
in recent years and different approaches were developed for controlling 
these phenomena. Forzatti et al. [60] have studied the mathematical 
description of the chemical-physical aspects concerning the various 
deactivation causes (i.e. poisoning, sintering, coking, solid-state 
transformation, masking, etc.). Istadi et al. [98] and Trimm [73] did the 
same but for the specific reforming mechanisms of, respectively, CO2 
reforming and steam reforming. A random carbon deposition and catalyst 
deactivation model was proposed by Z. Chen, Y. Yan, S.E.H. Elnashaie 
[28], assuming that the coke deposition rate in general depends on active 
sites. 
More recently, the research focus was moved toward the control of fuel 
reforming dynamics and parameters and on µCHP SOFC based systems. 
Pukrushpan et al. [99] have presented a model-based control analysis and 
design for a CPOx system that manages natural gas flow and humidified 
atmospheric air flow in the reactor. The target was to regulate the amount 
of hydrogen in the fuel cell anode and the temperature of the catalytic 
partial oxidation reactor during fluctuating power demand phases. Linear 
feedback analysis and design was used to identify the limitation of a 
decentralized controller and the benefit of a multivariable controller. Liso 
et al. [100] have described in both qualitative and quantitative form the 
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performance of a methane-fed SOFC-based µ CHP system destined to 
residential applications, also comparing two different types of pre-




4.2 - CPOx Modeling approaches  
 
From a theoretical point of view, the reactions involved in steam reforming 
and catalytic partial oxidation are the same, even if the inlet reactant 
composition is different for each case. This means that, independently from 
the type of reforming mechanism considered, one unique model can be 
adopted for determining the thermodynamic equilibrium in a reforming 
reactor and calculating the chemical compositions at the reformer outlet. In 
this thesis, the reforming mechanism is modeled by assuming chemical 
equilibrium and taking into account the thermodynamic aspect of the 
reactions occurring inside the reformer. The reforming systems can be 
modeled through two different approaches, both accurately described in 
Perry’s Chemical Engineers’ Handbook [101], where all relevant reactions, 
together with the list of constants used for calculation of enthalpy and 
entropy of species, are specified in detail.   
The mentioned approaches are as follows: 
 
1. Minimization of Gibbs free energy; 
 
2. Equilibrium constants.  
 
In the present work, the first approach has been used to develop the 
CPOx dynamic model, as described in detail in section 4.2.1. 
The second method is herein briefly described. Differently from the 
minimization of free Gibbs energy, the equilibrium constants methodology 
takes into account the reactions occurring inside the reactor. For the CPOx, 
mechanism the reactions involved, according to the indirect oxidation 
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OXIDATION: CH4 + 2O2 → CO2 + 2H2O (4.1) 
   
REFORMING: CH4 + H2O ↔ CO + 3H2 (4.2) 
   
WATER GAS SHIFT: CO + H2O ↔ CO2 + H2 (4.3) 
 
The model initially resolves the total oxidation reaction (4.1), until 
all the O2 is consumed. In a second step, the model takes into account 
simultaneously the equilibrium reaction for both reforming (4.2) and water 
gas shift reactions (4.3). The model utilizes an iterative method for 
calculating the equilibrium constants of reforming and water gas shift 
reactions; for both reactions, an equilibrium constant is associated to each 
temperature. In turn, to each temperature corresponds a composition of 
products at the reactor outlet.  
When the number of reactions involved is high, this approach 
becomes complex and tedious. In addition, the constant equilibrium 
method makes it difficult to analyze the solid carbon that can be generated 
during the reforming process. In contrast, a simpler and quicker method, 
more useful for mathematical computation through commercial software, 
is represented by the minimization of Gibbs free energy, which for these 




4.2.1 Minimization of Gibbs free energy 
 
The approach adopted for the thermodynamic model developed is zero-
dimensional (grey box model). The CPOx reactor is represented by only 
one control volume, while spatial averaging of all dimensions is assumed. 
Thus, spatial variations are not taken into account. Both global mass and 
energy balances of input and output species are considered and the resulting 
system of equations is numerically solved to define the output variables 
(outlet molar fractions and reactor temperature). The model is dynamic and 
therefore accounts for the transient variations in input conditions, i.e. air 
and fuel ratio over the startup and run time, in order to describe the CPOx 
temperature ramp up. In a dynamic simulation, time is the only independent 
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variable. A zero-dimensional model is suitable to examine the impact of 
inlet composition, temperature and reactor geometry when the product gas 
fractions and the reactor outlet temperatures are required as outputs. 
However, being the spatial variation of the variables neglected, these 
models are not suitable to perform prediction. More appropriately, zero-
dimensional models are more suited for describing reforming mechanisms, 
where attention is not focused on the reactor itself but on how it affects the 
performance of the complete SOFC system. Fuel cell zero-dimensional 
models are usually based on assumptions, parameters and practical 
information provided in literature or taken from experimental data. 
The Gibbs free energy minimization approach considers that the 
system reaches the equilibrium condition through a product composition 
able to minimize the energy of the same system [101]. As shown in figure 
4.1, when using this method, it is not necessary to specify the reactions that 
convert the reactants in products, but it is sufficient to specify the species 
existing in the system. For CPOx and SR reactions, the interested species 
are CH4, CO, CO2, H2, H2O, O2 and N2. 
The other variable is the reactor outlet temperature, which can be 
either fixed as operating parameter or calculated through the enthalpy 
balance. In the model herein described, the outlet reactor temperature 














4.3 CPOx Model theoretical content  
 
The ideal gas standard Gibbs energy of formation of a chemical compound, 
𝛥𝐺𝑓
0, is the increment of Gibbs energy associated with the reaction of 
 Inlet Reactant pre-heating temperature 
 Inlet molar flow: 
 CH4, CO, CO2, H2, H2O, O2 and 
N2 for a generic reforming 
reaction 
 CH4, O2 and N2 for CPOx 
 CH4, H2O for SR 
INPUT 
 Species mass balance 
 Enthalpy balance   
 Minimization of total 
Gibbs free energy 
MODEL 
 Reactor adiabatic 
temperature 
 Outlet molar flow 
 CH4, CO, CO2, 
H2, H2O, O2 
and N2 
OUTPUT 
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forming that compound in the ideal gas state starting from the constituent 
elements in their standard state. The standard condition is defined as the 
existing phase at a temperature of 298.15 K and one atmosphere (101.325 
kPa) [101].  
For other temperatures, T (K), the Eq. 4.4 may be used: 
 
𝛥𝐺𝑓 𝑇  
0 = 𝛥𝐻𝑓 𝑇  
0 − 𝑇𝛥𝑆𝑓 𝑇  
0  (4.4) 
 
Where: 
- 𝛥𝐺𝑓 𝑇  
0  is the Gibbs energy of formation at T, kJ/mol; 
- 𝛥𝐻𝑓 𝑇  
0 Enthalpy of formation at T, kJ/mol: 
- 𝛥𝑆𝑓 𝑇  
0   Entropy of formation at T, kJ/mol K. 
 
In a chemical reaction, chemical equilibrium is the state in which both 
reactants and products are present in concentrations, which have no further 
tendency to change with time. Usually, this state results when the forward 
reaction proceeds at the same rate as the reverse one. The reaction rates of 
the forward and backward reactions are generally not zero, but equal. Thus, 
there are no net changes in the concentrations of the reactants and products. 
Such a state is known as dynamic equilibrium.  
At the equilibrium state, differential variations may occur in the system 
at constant T and P without producing a change in Gt, which means: 
  
 𝑑𝐺𝑃,𝑇  
𝑡 = 0 (4.5) 
 
The minimization of the total Gibbs energy Gt in accordance with 
Eq. 4.5 is limited to gas-phase reactions, for which the problem is to find 
the equilibrium composition for given T and P and for a given initial feed.   
 
A description of the steps involved in the minimization method is given 
as follows: 
 
1. Formulate the constraining material-balance equations, based on the 
conservation of the total number of atoms of each element in a system 
comprised of w elements. Let subscript k identify a particular atom, and 
define Ak as the total number of atomic masses of the kth element in the 
feed. Further, let aik be the number of atoms of the kth element present 
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in each molecule of chemical species i. The material balance for 
element k= 1,2,….w is then 
 
∑ 𝑛 ∗𝑖 𝑎𝑖𝑘 = 𝐴𝑘  (4.6) 
 
2. Multiply each element balance by λk, a Lagrange multiplier: 
 
𝜆𝑘 ∗ (∑ 𝑛 ∗𝑖 𝑎𝑖𝑘 − 𝐴𝑘) = 0  (4.7) 
 
Summed over k, these equations give: 
 
∑ 𝜆𝑘𝑘 ∗ (∑ 𝑛 ∗𝑖 𝑎𝑖𝑘 − 𝐴𝑘) = 0  (4.8) 
 
3.  Form a function F by addition of this sum to Gt: 
 
𝐹 =  𝐺𝑡 ∗ ∑ 𝜆𝑘𝑘 ∗ (∑ 𝑛 ∗𝑖 𝑎𝑖𝑘 − 𝐴𝑘) = 0  (4.9) 
 
Function F is identical to Gt, because the summation term is zero. 
However, the partial derivatives of F and Gt with respect to ni are different, 
because function F incorporates the constraints of the material balances. 
 
4. The minimum value of both F and Gt is found when the partial 





)𝑇,𝑃,𝑛 =  (
𝜕𝐺𝑡
𝜕𝑛𝑖
)𝑇,𝑃,𝑛 ∗ ∑ 𝜆𝑘𝑘 ∗ 𝑎𝑖𝑘 = 0  
(4.10) 
 
The middle member is the definition of the chemical potential; 
whence: 
 
𝜇𝑖 ∗ ∑ 𝜆𝑘𝑘 ∗ 𝑎𝑖𝑘 = 0     𝑖 = (1,2, … … , 𝑁)  (4.11) 
 
However, for gas-phase reactions and standard states as the pure 
ideal gases at Po, the chemical potential is given by Eq. 4.12: 
 
𝜇𝑖 = 𝐺𝑖
0 + 𝑅𝑇 ln
𝑓𝑖
𝑃0
  (4.12) 
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If 𝐺 𝑖  
0  is arbitrarily set equal to zero for all elements in their standard 
states, then for compounds 𝐺 𝑖  
0 = 𝛥𝐺𝑓 𝑖  
0 , the standard Gibbs-energy 
change of formation for species i. 
In addition, the fugacity is eliminated in favor of the fugacity 
coefficient by Eq. 4.13 
 
𝑓𝑖=  𝑦𝑖 ×  Φ𝑖 × 𝑃 (4.13) 
 
Assuming that we are dealing with ideal gas, Φi are all unity. 
Assuming also P = 1 bar and also standard state pressure bar P° =1, 
the equation for μi becomes 
 
 𝜇𝑖 = 𝛥𝐺𝑓𝑖
0 + 𝑅𝑇 ln 𝑦𝑖    (4.14) 
 
Where 𝑦𝑖 = 𝑛𝑖/ ∑ 𝑛𝑖𝑖  




∗ 𝑎𝑖𝑘 +  𝛥𝐺𝑓𝑖
0 + 𝑅𝑇 ln
𝑛𝑖
∑ 𝑛𝑖𝑖
= 0                (1,2, … … , 𝑁) (4.15) 
 
If species i is an element, 𝛥𝐺𝑓 𝑖  
0  is zero. There are N equilibrium 
equations one for each chemical species, and there are w material-balance 
equations, one for each element, for a total of N + w equations. The 
unknowns in these equations are the ni (note that yi  =  
𝑛𝑖
∑ 𝑛𝑖𝑖
), of which there 
are N, and the λk, of which there are w, for a total of N + w unknowns. Thus, 
the number of equations is sufficient for the determination of all unknowns. 
The scheme of the final system of equations, characterized for the model 
developed in this thesis, is shown in figure 4.2. In addition to the N + w 
equations herein described, the enthalpy balance of the species brings in a 
further variable, the adiabatic reactor temperature. Solution of the 
equations provides a preliminary set of yi, then the process is repeated to 
convergence. All calculations are well suited to computer solution. In this 
procedure, the question of what chemical reactions are involved never 
enters directly into any of the equations.  
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- Inlet reactant pre-heating temperature, that is the temperature of 
reactants entering the catalyst reactor (section 2.2.2) 
 
- lambda, that is a measure of the ratio between inlet methane and 




- Composition of reaction products, molar fractions and reactor outlet 
temperature 
 




- The thermodynamic model is adiabatic and zero-dimensional 
- The inlet temperature does not exceed 350-400°C, in order to limit 
the outlet temperature that otherwise would rise above 1000°C. 
Such high temperatures are not feasible for the mechanical limit of 
both reactor materials and stack cells, which usually work in the 
range 700-900°C. 
- The catalyst is already active when the air/fuel mixture enters the 
reactor (not modelling the startup phase) 
- The inlet fuel is methane, CH4.  
- The type of catalyst used for reaction, and hence its design, 
geometric surface and related support, is taken into account for 
calculating the thermal capacity of the reactor, k, that enters in the 
evaluation of the dynamic term (section 4.7) 
- The effect of variation in inlet fuel power, cathode cooling air and 
fuel utilization is considered through a linear regression based on 
experimental data (section 4.5.1) 
- The GHSV, gas hourly space velocity, does not enter in the model, 
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whose nature is mainly thermodynamic and therefore the kinetic is 
excluded.  
- In the simulation, the mole fraction composition of air was assumed 




- Determine the theoretical conditions that yield to the maximum 
methane conversion and hydrogen gain in the outlet products, 
compatibly with the limit set for the reactor outlet temperature.  For 
given operating conditions, the equilibrium temperature of the 
reactor and the equilibrium compositions have been calculated. The 




4.5 CPOx model description 
 
𝑇𝑖 𝐼𝑁, 𝑇𝑖 𝑅𝐸𝐹    respectively, reactant inlet temperature and reference 
temperature 
𝑇𝑖 𝑂𝑈𝑇             reactor outlet temperature.  
?̇?𝑖 𝐼𝑁               molar composition of inlet reactants 
?̇?𝑖 𝑂𝑈𝑇            molar composition of outlet products 
 
 
Reactants Enthalpy and Entropy calculation, at TIN  
 




2 − 𝑇𝑖 𝑅𝐸𝐹
2) +∗









4 − 𝑇𝑖 𝑅𝐸𝐹
4)                 
(4.16) 
  
𝑆𝑖 𝑇𝑖𝑛 = 𝑆𝑖 𝑇𝑟𝑒𝑓 + 𝑎 ∗ 𝑙𝑛
𝑇𝑖 𝐼𝑁
𝑇𝑖 𝑅𝐸𝐹
+ +𝑏(𝑇𝑖 𝐼𝑁 − 𝑇𝑖 𝑅𝐸𝐹) +



















Products Enthalpy and Entropy calculation, at TOUT (unknown) 
 



















𝑆𝑖 𝑇𝑜𝑢𝑡 = 𝑆𝑖 𝑇𝑟𝑒𝑓 + 𝑎 ∗ 𝑙𝑛
𝑇𝑖 𝑂𝑈𝑇
𝑇𝑖 𝑅𝐸𝐹
+ +𝑏(𝑇𝑖 𝑂𝑈𝑇 − 𝑇𝑖 𝑅𝐸𝐹) +














where 𝐻𝑖 𝑇𝑟𝑒𝑓, 𝑆𝑖 𝑇𝑟𝑒𝑓  are respectively enthalpy and entropy of formation 
at reference temperature, and a,b,c,d are tabulate constants [101]. 
 
Calculation of reactants Enthalpy and Entropy of formation, at TIN 
 
CH4 𝐻𝑓 𝐶𝐻4 𝑇𝑖𝑛 = 𝐻𝐶𝐻4  𝑇𝑖𝑛 − 𝐻𝐶  𝑇𝑟𝑒𝑓 − 2𝐻𝐻2  𝑇𝑟𝑒𝑓 (4.20) 
   
H2O 𝐻𝑓 𝐻2𝑂  𝑇𝑖𝑛 = 𝐻𝐻2𝑂  𝑇𝑖𝑛 − 𝐻𝐻2  𝑇𝑟𝑒𝑓 −
1
2
𝐻𝑂2  𝑇𝑟𝑒𝑓 (4.21) 
   
H2 𝐻𝑓 𝐻2 𝑇𝑖𝑛 = 𝐻𝐻2  𝑇𝑖𝑛 − 𝐻𝐻2  𝑇𝑟𝑒𝑓 (4.22) 
   
CO 𝐻𝑓 𝐶𝑂  𝑇𝑖𝑛 = 𝐻𝐶𝑂  𝑇𝑖𝑛 − 𝐻𝐶  𝑇𝑟𝑒𝑓 −
1
2
𝐻𝑂2  𝑇𝑟𝑒𝑓 (4.23) 
   
CO2 𝐻𝑓 𝐶𝑂2  𝑇𝑖𝑛 = 𝐻𝐶𝑂2   𝑇𝑖𝑛 − 𝐻𝐶  𝑇𝑟𝑒𝑓 − 𝐻𝑂2  𝑇𝑟𝑒𝑓 (4.24) 
   
O2 𝐻𝑓 𝑂2 𝑇𝑖𝑛 = 𝐻𝑂2  𝑇𝑖𝑛 − 𝐻𝑂2  𝑇𝑟𝑒𝑓 (4.25) 
   
N2 𝐻𝑓 𝑁2  𝑇𝑖𝑛 = 𝐻𝑁2  𝑇𝑖𝑛 − 𝐻𝑁2  𝑇𝑟𝑒𝑓 (4.26) 
   
C 𝐻𝑓 𝐶  𝑇𝑖𝑛 = 𝐻𝐶  𝑇𝑖𝑛 − 𝐻𝐶  𝑇𝑟𝑒𝑓 (4.27) 
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The same equations are applicable to the entropy of formation as well.  
 
 
Calculation of reactants Enthalpy and Entropy of formation, at TOUT 
 
The calculation is identical to the inlet case, except for the temperature. 
 
 
Calculation of Gibbs free energy of formation at TOUT , reactor outlet   
The inlet energy of formation, evaluated at TIN , does not enter in the final 
set of equations: 
 
𝐺𝑓 𝑖 𝑇𝑜𝑢𝑡 = 𝐻𝑓 𝑖  𝑇𝑜𝑢𝑡 − 𝑇𝑜𝑢𝑡 ∗  𝑆𝑓 𝑖  𝑇𝑜𝑢𝑡 (4.28) 
 
 
Calculation of delta Gibbs free energy of formation at TOUT , reactor 
outlet 
 
CH4 ∆𝐺𝑓 𝐶𝐻4  𝑇𝑜𝑢𝑡 = 𝐺𝑓 𝐶𝐻4  𝑂𝑈𝑇 − 𝐺𝑓 𝐶  𝑇𝑜𝑢𝑡 − 2𝐺𝑓 𝐻2  𝑇𝑜𝑢𝑡 (4.29) 
   
H2O ∆𝐺𝑓 𝐻2𝑂  𝑇𝑜𝑢𝑡 = 𝐺𝑓 𝐻2𝑂  𝑇𝑜𝑢𝑡 − 𝐺𝑓𝐻2  𝑇𝑜𝑢𝑡 −
1
2
𝐺𝑓𝑂2  𝑇𝑜𝑢𝑡 (4.30) 
   
H2 ∆𝐺𝑓 𝐻2  𝑇𝑜𝑢𝑡 = 𝐺𝑓 𝐻2  𝑇𝑜𝑢𝑡 − 𝐺𝑓 𝐻2  𝑇𝑜𝑢𝑡 (4.31) 
   
CO ∆𝐺𝑓 𝐶𝑂  𝑇𝑜𝑢𝑡 = 𝐺𝐶𝑂   𝑇𝑜𝑢𝑡 − 𝐺𝐶  𝑇𝑜𝑢𝑡 −
1
2
𝐺𝑂2   𝑇𝑜𝑢𝑡 (4.32) 
   
CO2 ∆𝐺𝑓 𝐶𝑂2    𝑇𝑜𝑢𝑡 = 𝐺𝐶𝑂2   𝑇𝑜𝑢𝑡 − 𝐺𝐶   𝑇𝑜𝑢𝑡 − 𝐺𝑂2   𝑇𝑜𝑢𝑡 (4.33) 
   
O2 ∆𝐺𝑓 𝑂2  𝑇𝑜𝑢𝑡 = 𝐺𝑂2   𝑇𝑜𝑢𝑡 − 𝐺𝑂2   𝑇𝑜𝑢𝑡 (4.34) 
   
N2 ∆𝐺𝑓 𝑁2   𝑇𝑜𝑢𝑡 = 𝐺𝑁2 𝑇𝑜𝑢𝑡 − 𝐺𝑁2   𝑇𝑜𝑢𝑡 (4.35) 
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Species mass balance 
 
∑ 𝑛 ∗𝑖 𝑎𝑖𝑘 = 𝐴𝑘  (4.36) 
 
Where n are the species entering the reactor, k the species elements, Ak 
atomic mass number of elements k.  
In this particular case: 
 
C: nCH4 + nCO + nCO2 (4.37) 
   
H:  4nCH4 + 2nH2O + 2nH2 (4.38) 
   
O:  nH2O + nCO + 2nCO2 + 2nO2 (4.39) 
 
 
Calculation and minimization of total Gibbs free energy 
 










𝑘 𝑎𝑖𝑘  
(4.40) 
 
where 𝜆𝑘 is a lagrangian constant associated to each element.  
 
Enthalpy balance   
 
The reactor outlet temperature is now unknown and therefore it needs to be 
calculated through the resolution of the final set of equations. On the 
contrary, if the heat input to the reactor is known and specified (e.g. in 
steam reforming reaction when the reactor temperature is fixed), the outlet 
temperature does not represent an output.  
 




∆𝐻𝑟𝑒𝑎𝑧  𝑇𝑖𝑛 = ∑ ((
𝑛
𝑖 ?̇?𝑖 𝑜𝑢𝑡 − ?̇?𝑖 𝑖𝑛) ∗ 𝐻𝑓 𝑖 𝑇𝑖𝑛  (4.42) 
  
∆𝐻𝑠𝑒𝑛𝑠  𝑇𝑜𝑢𝑡 = ∑ ((
𝑛
𝑖 ?̇?𝑖 𝑜𝑢𝑡) ∗ (𝐻𝑓 𝑖 𝑇𝑜𝑢𝑡 − 𝐻𝑓 𝑖 𝑇𝑖𝑛))  (4.43) 
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Making explicit the two expressions and introducing the dynamic term, it 
is yielded: 
 
?̇? = ∑ (?̇?𝑖 𝑂𝑈𝑇 ∗ 𝐻𝑓𝑖 𝑂𝑈𝑇 −
𝑖
̇





When ?̇?=0, for the Hp. of adiabatic system, the resulting equations, 
coupled with the mass balance, generate the set of non linear equations 
shown in figure 4.2. This system, numerically solved, gives the ?̇?𝑖 𝑂𝑈𝑇 and 
𝑇 𝑂𝑈𝑇 unkown.  
 
 
Figure 4.2 – System of final equations 
Chapter 4 – CPOx Dynamic Model 141 
 
As already stated in previous chapters, this method, here described 
for the CPOx reforming mechanism, is identically applicable to the steam 
reforming. In this case, in addition to the CH4, O2 and N2 (and eventually 
residual of CO2 and CO), the inlet species will include H2O. 
In the figures 4.3 and 4.4  the scheme of both CPOx and SR model 
is shown.  
 
 
Figure 4.3 – CPOx model scheme 




Figure 4.4 – SR model scheme 
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4.5.1 Linear Regression 
 
The useful range of input values set for the model are as follows: 
 
 Lambda: within the range 0.25 - 0.35; 
 Tin reactants: within the range 20 °C- 350 °C. 
 
The inlet temperature of reactants entering the reactor is not easy to 
identify, since the pre-heating temperature range is considered as a design 
parameter by both Hot Box and CPOx reactor manufacturers. The optimal 
pre-heating contribution is indeed the result of an accurate thermal analysis 
of heat exchanges occurring inside the Hot Box, verified through 
simulations and not measured during the tests. The pre-heating of the 
feeding mixture is carried out usually inside the hot box, through the 
thermal integration of the inlet plenum or of the pipe that conveys the 
mixture to the reactor. The heat exchange is due to the heat coming from 
the stack, or to the cathode air flow after this exits the air pre-heater and 
before entering the stack itself. When the reactor is external to the Hot Box, 
the pre-heating is usually carried out by means of electrical resistances 
wrapped around the CPOx reactor walls (section 3.2.2). It is therefore 
evident that the pre-heating temperature of reactant species is directly 
related to many other SOFC system parameters, and its set point can widely 
vary according to the different operating phases.  
For example, during the lab tests (ref. chapter 3, fig. 3.15 – 3.17) it was 
assessed through experiments that, for the same inlet fuel, different stack 
currents and cooling air flowrates determine two different temperature 
values of the products at reactor outlet. During the ramp up of stack power 
generation, by increasing the current from 1 to 8 A, and the input fuel from 
1 to 2.5 Nlpm, the cathode air flow was controlled at 55 Nlpm, while for 9 
and 10 A the air flow was raised to 75 Nlpm in order to contrast the stack 
overheating. In the standby condition, that is when the stack generates only 
the power needed for the auxiliaries and for maintaining the minimum 
operating temperatures, with low current generation (1 A), the cooling air 
was fixed to 85 Nlpm to face the increase in temperature due to extremely 
low fuel utilization. Increasing the current progressively, and in turns the 
fuel utilization, the CPOx temperature slightly decreased, being reduced 
the heating effect due to the offgas burner.  
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In the CPOx dynamic model here described, all these effects have 
repercussions on the inlet temperature and have therefore been taken into 
account through a linear regression.  
In order to relate the inlet temperature to the other parameters relevant 
for a SOFC system, such as: 
 
 Fuel flow input power  
 Cathode air flow for  stack cooling 
  Fuel Utilization (and therefore stack current) 
 Temperature at CPOx reactor outlet 
 
a linear regression has been created, comparing the measured outlet CPOx 
temperature to the value calculated by the model after its validation with 
the first available data. The linear regression is given by equation 4.45 and 
accounts for a wide set of different operating conditions of the above 
parameters, as listed in table 4.1.  
 




SP fuel flow 
[Nlpm] 







1 678,3 1 56,1 0 0 84 
2 707,8 1,5 52,9 0 0 175 
3 701,6 1,5 56,4 1 0,02 172 
4 698,8 1,5 54,3 2 18,6 200 
5 697,8 1,5 57,1 4 37,2 162 
6 713,7 2 55,2 6 41,8 230 
7 736,8 2,5 54,3 8 44,6 300 
8 725,3 2,5 65,3 8 44,6 284 
9 760,9 3 67,1 9 41,8 350 
10 757,6 3 74,9 9 41,8 332 
11 721,3 2,5 75,2 8 44,6 260 
12 687,8 2 73,2 6 41,8 207 
13 674,8 1,5 73,4 4 37,2 126 
14 685,4 1,5 75,5 1 9,3 150 
15 682,1 1,5 90,1 1 9,3 110 
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𝑻𝒊𝒏 = 𝒃(𝟏) +
𝑇𝐶𝑃𝑂𝑥
1000




































4.6 - Reactor Design 
 
The internal layout of the CPOx reactor considered for the model derives 
from design data indicated by reforming systems manufacturer Hysytech 
[36] and also confirmed by many literature records [80, 82]. The reactor 
designed by Hysytech is the result of studies and activities carried out 
within the EFESO project, where this reactor was fabricated and installed 
in a µCHP unit, integrated in the Hot Box design (section 3.2.3). 
Experimental activities over this catalyst have been used for validating the 
model, both in stand-alone case, where the reactor was tested in lab, 
wrapped by electrical resistances for the heating phase (see section 3.2.2), 
and in an Hot Box integrated layout, leading to the final configuration 
adopted for 1 kW µCHP  (see section 3.2.1-3.2.3).  
The reactor considered for this work utilizes extruded monoliths 
ceramic supports based on Rh catalyst with the specifications reported in 
table 4.2.  
 
Table 4.2 – Reactor design data [36] 
Length 50 mm 
Diameter 25 mm 
Void grade 52 % 
Catalyst Rh 
 
The extruded monoliths are made of a rigid structure in ceramic material 
where the metallic catalyst is deposited over α-Al2O3 through washcoating, 
in order to minimize the head losses. This guarantees, at the same time, a 
robust design for withstanding the frequent start/stop cycles. The support 
is characterized by a honeycomb structure (fig. 4.5) 
 




Figure 4.5 – Honeycomb support structure [9] 
 
The metallic housing of the reactor is made out of high-temperature 
resistant stainless steel with a maximum outer diameter of 3 cm, internal 
diameter 2.6 cm and a total length of 11.3 cm, properly insulated with Mica, 
teflon, EPDM or micro-porous material, to prevent any heat losses.  
Several reactor layout configurations are commonly available, 
depending on how the catalyst is positioned respect to the reactor axial 
dimension (in-out length) [7, 50, 59, 80, 82]. The standard configuration, 
shown in figure 4.6, considers as follows: 
 
- inert cordierite monolith, uncoated (or foams) 
- void space (about 1.5 cm long), it allows to have a good mixing of 
gas and it prevents the partial occlusion of the channels of the 
catalytic monolith; 
- catalytic monolith (variable). Usually a few grams (e.g. for 
platinum 5 gram is enough) of active material are deposited over 
the support through washcoating; 
- void space (about 1.5 cm long) with the same function of the void 
before of catalytic bed; 





Figure 4.6 – Standard reactor layout configuration [102] 
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The insulation of the cylindrical reactor can vary depending on the 
material properties and on the thermal integration. Normally, 10 mm 
thickness is required.  
Upstream and downstream the reactor it is useful to provide a 
volume of 2-3 reactor diameters, in order to guarantee a proper flow 
distribution. In fact, in this volume the feeding mixture needs to be 
distributed along the full section of the reactor; this is also achievable by 
installing conic fittings or flow conditioning systems, according to the max 
allowable pressure losses, inlet and outlet diameters. The same is applicable 
to the reactor outlet.  
In this work, the reactor design, as well as the catalyst element and 
layout configuration, enters in the calculation of the dynamic term, as 




4.7 Dynamic Conditions 
 
The model is configurable for different reactor inlet temperatures and, as 
stated in par. 4.4, the assumption is that the catalyst is already activated 
once the air/gas mixture approaches its walls. The common use in CPOx 
systems is to enable the anode fuel and air only after that the reactor 
temperature has exceeded a fixed set point, generally over 400-450°C; this 
is achieved during the startup phase of the system, when the Hot box and 
stack are heated up by a gas or electrical burner.    Theoretically, the 
reforming reaction could take place even with cold reactor, provided that 
the ratio between air and methane approaches the stoichiometric 
combustion ratio (lambda tending to 1), but with very slow kinetics and 
with high risk of catalyst oxidation. The combustion in the preliminary 
phases would allow reaching the high temperatures needed for lighting up 
the mixture, and afterwards the lambda value can be lowered as the 
temperature is autothermally maintained.   
For what concerns the inlet reactant temperatures, the lower limit 
corresponds to the ambient temperature. Indeed, it is not strictly necessary 
a pre-heating of the mixture before entering the reactor, since even at 
ambient temperature the heat diffusion is achieved by the monolith layers, 
leading to a slower but feasible ignition. Nevertheless, as shown in the 
148 Chapter 4 – CPOx Dynamic Model 
 
model results described in chapter 5, in absence of pre-heating the 
conversion efficiency is lower and the temperature of products exiting the 
reactor is prevented to reach the desired values. In turn, this leads to work 
at stack temperatures out of the nominal range, because of the lower 
temperature of the species entering the anode side of fuel cell. 
The dynamic aspect of the model is of vital importance for 
simulating the transient behavior of the reforming reactor during the fuel 
cell system operation and on-off cycles. As shown by the experimental test 
results on 1 kW µCHP system (see section 3.2.3), during the late start-up 
phase, when the stack temperature is not yet adequate for the proper 
electrochemical reaction, the CPOx lambda is higher than during the 
operation phase. However, even when the startup is over, the lambda can 
significantly vary with the operating conditions, according to the design 
parameters set for each phase.   
The term kdT/dt enters the energy balance and accounts for the 
transient response of the system before reaching the steady state.  
 
?̇? = ∑ (?̇?𝑖 𝑂𝑈𝑇 ∗ 𝐻𝑓𝑖 𝑂𝑈𝑇 −
𝑖
̇






Figure 4.7 – Dynamic model scheme 
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The scheme representing how the dynamic term is entering the set 
of final equations is shown in figure 4.7. 
The heat capacity of the reactor catalyst, k, is defined as the product 
of the specific heat, c, by the mass of the catalyst element, m. This in turn 
is given by the product of the volume, V, per its density, 𝜌, leading to: 
 
𝑘 = 𝑐 × 𝑚 = 𝑐 × 𝜌 × 𝑉 (4.47) 
 
By considering a specific heat of 925 J/kgK and a density of 1.38 
g/cm3, the calculation yields to a k value of about 31 J/K. Usually, the active 
metal (Rh, Nichel, Platinum, etc.) is present in very small quantities, 
approximately 2 to 6 grams.  
 
 
Figure 4.8 – CPOx model temperature output trend 
 
In figure 4.8 the dynamic trend of the reactor outlet temperature, 
before reaching the stationary value, is shown as yielded on output by the 































Model Validation and Application 
  
In the following paragraphs the main model results, i.e. chemical and 
thermal outputs, species selectivity and methane conversion, are shown. 
These results have been obtained by varying the input parameters, i.e. 
lambda and inlet reactant pre-heating temperature, in the operating range 
specified for the application of CPOx reactor in a SOFC system. The model 
has been validated through the experimental data reported in chapter 3. In 
addition, the application of the CPOx dynamic model for fault detection 
and isolation analysis has been evaluated, by taking into account the faults 




5.1 - Model results: xout vs Tout 
 
The first set of results is achieved by running the model at different lambda 
to see the effect of the inlet reactant pre-heating temperature on the reactor 
outlet compositions. The plots report on the x-axis the reactor outlet 
temperature and on the y-axis the molar outlet compositions. The relation 
between inlet pre-heating temperature and outlet temperature is also shown 
for each condition. The simulations are referred to four different lambda 
values, namely 0.25, 0.27, 0.30 and 0.33, whereas the inlet pre-heating 
temperature is varied in the range 50 -350 °C.  
The analysis of figures 5.1 - 5.4 leads to the following considerations:  
 
- For lambda = 0.25, which is the theoretical optimal value for the 
CPOx oxidation, the reactor outlet temperature exceeds 700°C only 
when the pre-heating temperature is very high (350 °C). For lower 
inlet reactant temperatures, a low lambda does not promote the auto 
sustaining of CPOx reaction and prevents the stack from reaching 
the required operating temperatures. Furthermore, the CH4 
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conversion is reduced. Thus, working with a lambda of 0.25 does 
not represent the optimal condition from a thermal point of view. 
Indeed, it is possible to yield the maximum hydrogen gain, 
approaching the theoretical reaction efficiency, only for a very high 
pre-heating temperature. In different conditions, the inlet methane 
is only partially converted and the residual CH4 molar fraction is 
still high. The trend of H2 concentration (magenta line) shown in 
figure 5.1 increases with temperature.  
 
 
Figure 5.1 – xout vs Tout and Tout vs Tin for lambda=0.25 
 
 
- Theoretically, as shown in the following figures achieved for higher 
lambda, the H2 gain should reach a maximum value, beyond which 
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the hydrogen is no longer produced. In the plot, it is clear that, for 
the limit temperature on the x-axis of 700°C,  this maximum is not 
reached yet, and with higher pre-heating temperature (over 350 °C) 
it would be possible to approach H2 concentrations around 38%. On 
the other hand, such conditions for the pre-heating of the reactant 
mixture are difficult to execute and out of the design specifications, 
as explained in chapter 2 and 3, reason why they are not taken into 




Figure 5.2 – xout vs Tout and Tout vs Tin for lambda=0.27 
 
- The best condition is achieved for a lambda of 0.30, figure 5.3. 
Indeed, in this case the H2 molar fraction is approaching the 
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maximum yield (the magenta line is stabilizing around 35%) when 
the reactor temperature exceeds 720 °C, corresponding to a reactant 
pre-heating temperature of around 200 °C. The methane is almost 
completely converted. The same result can be obtained also with a 
lambda of 0.27 (figure 5.2). In this condition, in order to yield 
sufficient reactor outlet temperatures, the pre-heating temperature 
shall be increased over 300 °C, which is more critical for the 
thermal design of the system.  
 
Figure 5.3 – xout vs Tout and Tout vs Tin for lambda=0.30 
 
- For lambda = 0.33, figure 5.4, the H2 yield is lower than other 
conditions, even if the conversion of CH4 is higher. Simultaneously, 
the reactor outlet temperatures are too high (more than 860 °C for a 
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pre-heating temperature of 350°C), which implies that this 
condition is suitable only in the late startup phase, when there is the 
need to heat up the reactor in order to reach the most suitable 
conditions.  
-  
Figure 5.4 – xout vs Tout and Tout vs Tin for lambda=0.33 
 
 
5.2 - Model results: lambda vs Tout 
 
The second set of results is obtained by varying the lambda in the range 
0.25 -0.35, at fixed reactant pre-heating temperatures, in order to evaluate 
the effect of working at different lambda on the outlet temperature and 
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compositions. Simulations have been carried out at four inlet pre-heating 
temperatures, namely 50 °C, 150 °C, 230 °C and 300 °C. For each 
condition, both plots of outlet compositions and CPOx reactor temperature 
over lambda are shown below (Fig. 5.5 - 5.8).  
The analysis of figures 5.5 - 5.8 leads to the following considerations:  
 
- when the reactant pre-heating contribution is small (Tin = 50°C), the 
reaction occurs at non optimal temperatures when the lambda is 
below 0.32; this leads to a lower H2 and CO outlet yield, resulting 
in an overall lower conversion efficiency. It would hence be 
necessary to set a lambda in the range 0.33-0.35 in order to get the 
maximum selectivity, but also in this case the outlet molar fractions 
are below the expected margins.  
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T in = 50 °C
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Figure 5.5 – xout vs lambda and Tout vs lambda for Tin=50°C 
 
- Working in the intermediate conditions (Tin = 150°C and Tin = 
230°C) with lambda of 0.29-0.31 represents the best option for a 
CPOx reactor operation. In fact these parameters allow operating at 
an adequate reactor temperature, in the range 680-750°C, with high 
efficiencies and H2-CO selectivity.  
 
 
     
 
Figure 5.6 – xout vs lambda and Tout vs lambda for Tin=150°C 
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T in = 150 °C




Figure 5.7 – xout vs lambda and Tout vs lambda for Tin=230°C 
 
-  To a higher reactant pre-heating temperature (Tin = 300°C) 
corresponds the maximum H2 and CO gain, up to a lambda of 0.3. 
Beyond this value, it is not worthy working with both high pre-
heating temperature and high lambda. Indeed, the outlet H2 and CO 
concentrations decrease and in addition the reactor temperature 
reaches dangerous values, close to 900 °C for a lambda of 0.35.  
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5.3 - H2, CO Selectivity and CH4 conversion 
 
Other relevant outputs of the model, not directly entering in the final set of 
equations but directly computable starting from the products outlet 
compositions, are the H2 and CO selectivity and the CH4 conversion. These 
parameters are well suited to properly describe the efficiency of a CPOx 
reaction and give immediate indication about the optimal variables range. 
Indeed, the general trend is to define the enhanced operating conditions at 
which the fractional conversion is more than 0.99, while the durability of 
the reformer system is guaranteed [8].  
The methane conversion, H2 and CO selectivity are defined as 


























xCH4O xH2O xCO xCO2 xH2 xO2 xN2T in = 300 °C

























T in = 300 °C




𝐶𝐻4𝑐𝑜𝑛𝑣 = (?̇?𝐶𝐻4 𝑖𝑛 − ?̇?𝐶𝐻4 𝑜𝑢𝑡 ) / (?̇?𝐶𝐻4 𝑖𝑛 ) (5.1) 
  
𝐻2𝑠𝑒𝑙 =  (?̇?𝐻2 𝑜𝑢𝑡 )/ [2 × (?̇?𝐶𝐻4 𝑖𝑛 − ?̇?𝐶𝐻4 𝑜𝑢𝑡 )] (5.2) 
  
𝐶𝑂𝑠𝑒𝑙 = (?̇?𝐶𝑂𝑜𝑢𝑡)/(?̇?𝐶𝐻4 𝑖𝑛 − ?̇?𝐶𝐻4 𝑜𝑢𝑡 ) (5.3) 
 
 
Figure 5.9 CH4 conversion, H2 and CO selectivity vs for Tout different lambda 
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Figures 5.9 shows the methane conversion, H2 and CO selectivity 
for fixed lambda values (0.27 and 0.30) and variable reactant pre-heating 
temperature. The x-axis reports the reactor temperature. On the other hand, 
figure 5.10 represents the variation of the above mentioned parameters with 




Figure 5.10 CH4 conversion, H2 and CO selectivity vs lambda for different reactant 
pre-heating temperature 
 
Figures 5.9 and 5.10 indicate that the H2 yield decreases with 
lambda, resulting in a lower quality of the reformate exiting the reactor. 









































T in = 230 °C
162 Chapter 5 –Model Validation and Application 
 
The maximum H2 gain, for each inlet reactant pre-heating temperature, 
corresponds to the theoretical maximum value of lambda = 0.25. The CO 
selectivity trend is decreasing with lambda as well, even if less markedly 
than H2, and increaseas with the pre-heating temperature. It can also be 
noted that raising the inlet temperature of the reactants improves the CH4 
conversion, and the same happens for high values of lambda. The optimal 
conditions mentioned in the previous paragraphs, which are lambda in the 
range 0.29-0.30 and a reactor outlet temperature within 680-750°C, 
correspond to values of CH4 conversion above 95% and H2, CO selectivity 




5.4 Model validation 
 
The CPOx model was validated through the experimental data reported in 
chapter 3. As shown in the figures 5.11 -5.17, the simulation results follow 
accurately the test outcomes for each operating condition and well 
reproduce the real reaction mechanisms occurring in a CPOx reactor, either 
integrated in a SOFC Hot Box or external and heated up by electrical 
resistances (section 3.2.1-3.2.3). At high pre-heating temperatures, the 
model becomes less accurate for high lambda values, over 0.5, which are 
however far enough from the useful range of parameters typical of a 
catalytic partial oxidation reaction, as described in chapters 2 and 3. This 
can be explained considering that by increasing both lambda and the inlet 
preheating temperature, the conditions inside the reactor promote the total 
oxidation with respect to the reforming reaction. The model is not 
developed to follow operating conditions close to the combustion regime, 
for which the initial temperature set as starting point for the numerical 
resolution of the non-linear set of equation should be changed accordingly. 
Same is valid for the initial solutions represented by the outlet 
concentrations. Therefore, in order to reproduce the proper system 
operating for lambda approaching the combustion reaction values, it is 
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5.4.1 - Comparison with experimental data of tests case a 
(ref. section 3.2.1) 
 
In section 3.2.1, the tests performed by the CPOx reformer manufacturer 
Hysytech and by the Hot Box integrator SOFC Power have been described. 
The outcomes of these tests, indicated as test case a, have given useful data 
for the comparison with the model results. Figure 5.11 reports the 
comparison between simulated and measured outlet compositions for 
different reactor outlet temperatures. As may be seen in Table 5.1, the 
deviation between real and simulated products concentrations is always 
below 5%, for each reactor outlet temperature, being higher for the species 
whose molar fraction is lower. Indeed, CO2, CH4 and H2O outlet 
concentrations tend to zero as long as the reactor temperature increases, 
therefore the error is higher due to a lower order of magnitude of both 
measured and simulated values. Figure 5.12 shows the correlation between 
experimental data and model results.    
 
 
Figure 5.11 – xout vs Tout for lambda=0.27: comparison with real data (test case a) 
 














600 1,7 3,0 4,2 1,3 2,8 1,2 
700 2,1 3,0 4,9 4,3 2,8 1,9 
800 2,0 2,9 4,8 2,3 4,9 0,8 
900 2,0 1,9 4,9 4,6 3,1 1,0 








































Figure 5.12 – Correlation between experimental and model results for lambda=0.27 
 
Similar conclusions can be drawn for a lambda of 0.30. As may be observed 
in figure 5.13 and 5.14, the deviation is below 1% when comparing species 
whose molar fraction is higher, such as N2 and H2. On the contrary, the 
error becomes higher when moving to lower order of magnitude.    
Figure 5.13 – xout vs Tout for lambda=0.30: comparison with real data (test case a) 
 














650 0,3 1,2 4,1 0,7 2,8 0,2 
750 0,3 1,1 4,6 4,2 4,3 0,3 
850 0,4 0,7 4,1 4,3 3,9 0,2 
950 0,6 2,0 4,6 3,7 4,5 0,2 












































In order to analyze the accuracy of the model in reproducing the 
relationship between inlet pre-heating temperature and the reactor 
temperature, a comparison has been made with the experimental data 
reported in figure 5.15 (black squares). These data were measured by SOFC 
Power for the integrated Hot Box configuration, with the CPOx reactor 
thermally integrated within the stack module. The tests were performed at 
a lambda of 0.29. Figure 5.15 reports the comparison between the 
experimental data and the model outputs for the same lambda. The 
correlation appears extremely accurate for temperatures up to 200 °C, 
whereas the simulated outlet temperature slightly exceeds the measured 
one for the last point (temperature over 200 °C). 
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Figure 5.15 – Tout vs Tin for lambda=0.29: comparison with real data 
 
The model validation with experimental results referred to the test 
case a can be concluded by considering the experimental results given by 
Hysytech and reported in table 3.2 of section 3.2.1. This table, here 
reproduced and indicated as table 5.3, reports the equilibrium composition 
and adiabatic reaction temperature for different lambda and with same pre-
heating mixture temperature. 
Figure 5.16 reports the model results at the same reactant inlet 
temperatures (230 °C), for different lambda, together with the experimental 
data included in table 5.3. They are depicted through black markers, 
different for each lambda (triangle, square and right arrow respectively for 
lambda of 0.25, 0.27 and 0.30).  
 
 
Table 5.3 – Test measurements for different lambda at Tin = 230°C [36] 
 
 Tin = 230°C 
lambda CH4 CO CO2 H2O N2 H2 Tout  
0.25 4,4% 15,65% 2% 2,36% 42% 33,42% 673,5 
0.27 2,80% 16,16% 2% 2,52% 42,65% 33,87% 688,71 
0.3 1% 16,39% 2% 2,85% 43,78% 33,97% 721,77 
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lambda = 0.29
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Figure 5.16 – xout vs lambda for Tin=230°C: comparison with real data 
 
The products molar fractions well fit the experimental measurement for 




5.4.2 - Comparison with experimental data of tests case b 
(ref. section 3.2.2) 
 
The experimental data available for the model validation in test case b are 
shown in section 3.2.2. They were taken from tests on the CPOx reactor 
performed by Environment Park at Hysylab. In this case, as explained in 
section 3.2.2, a fair simulation was not possible because of the different 
catalyst reactor design with respect to what implemented into the model. 
Moreover most of the experiments were carried out at high lambda (0.4 and 
0.5), which are operating conditions not suitable for real on-field use with 
SOFC systems; only two sets of measures, taken at lambda of 0.29, are 
adapt to be reproduced by the model. To further evaluate the accuracy of 
the model developed, a comparison analysis was done for such tests with 







































real data lambda 0.25
real data lambda 0.27
real data lambda 0.30
T in = 230 °C
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Table 5.4 – Comparison between model and test results on CPOx reactor external 





















Model 0,8 0,29 672 32 2 14 2 44 3 
Test 0,8 0,29 677 26 5 14 1,5 53 NA 




















Model 1,2 0,29 700 33 2 17 2 44 2 
Test 1,2 0,29 690 30 4 18 1 47 NA 
 
The temperature measurement at the middle of catalyst reactor is 
comparable with the simulated values for similar input conditions 
(considering an external reactor temperature of 700°C), whereas the 
products compositions are slightly different. The residual CH4 was quite 
higher respect to the model results and also to the other tests results shown 
in sections 3.2.1 and 3.2.3. This may be caused by a poor active surface of 
the catalyst that was not sufficient to convert part of the CH4 for that 
lambda. Also, the outlet H2 molar fraction was slightly below the expected 
target for the nominal operating conditions. It is worth to remark that the 
results of the experiments for that catalyst configuration motivated a new 
design with a higher active surface. Such a new design was then adopted 
for the CPOx reactor installed in the final µCHP prototype. The higher 
conversion activity of this catalyst is confirmed through the results shown 
in section 3.2.3.   
The reasons for the mentioned discrepancies between the tests results 
here described and the experimental data measured for the µCHP and 
integrated HB tests, and with respect to the model as well, are as follows: 
 
- The reactor was warmed up instantaneously by electrical 
resistances, and the same is valid for the pre-heating of reactant 
gases. This did not allow a complete and homogenous heating of 
the whole reactor, as confirmed by the marked differences in the 
surface temperature in both active area and upstream/downstream 
Chapter 5 – Model Validation and Application 169 
 
the catalyst. On the other hand, when the reactor is thermally 
integrated inside the Hot Box, the reactor is activated gradually 
during the startup and maintained at operating temperature by 
means of a proper insulation and engineered thermal integration.  
 
- The adiabatic temperature calculated by the model is comparable 
with the Tmid of experimental tests, measured at the center of 
reactor, as shown by figure 3.11 in section 3.2.2. In the same figure, 
it is possible to note that the Tup, measured at reactor outlet, 
downstream the catalyst surface, is slightly lower as it reflects the 
decrease in temperature led by the cooling suffered by the products 
exiting the reactor. In the model, due to the adiabatic hypothesis, 
this aspect is not taken into account.   
 
- During tests, the H2O outlet concentration of the outlet products 
was not measured. Indeed, the products exiting the reactor flowed 
first through a condenser where the H2O was separated and after 
were conveyed to the gas chromatographer. This is because the gas 
chromatographer measured the dry gas.  
 
-  The methane used for the tests had high purity and thereby no 




5.4.3 - Comparison with experimental data of tests c (ref. 
section 3.2.3) 
 
The most interesting tests for characterizing the performance and 
diagnostics of a SOFC based application are those carried out on the µCHP 
prototypes realized as milestone of the EFESO project, described in section 
3.2.3. As recalled in chapter 3, the final aim of EFESO project was to 
design, assemble and test on field four µCHP units, thereby tests on the 
single components were all finalized to check individually the correct 
operation and functionalities of the subsystems before their assembling in 
the final prototype. By exploiting the experimental data of test case a 
(section 3.2.1) and b (section 3.2.2), the model has been validated in steady 
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state conditions, as explained in sections 5.4.1 and 5.4.2. It was assumed 
that the transient phase was already completed when comparing the 
measured reactor temperature with the CPOx model result obtained for 
each lambda and reactant inlet temperature. On the contrary, the tests on 
the final µCHP (section 3.2.3) were extremely useful to characterize and 
validate the dynamic model in the transient states. When testing the µCHP, 
the target was to reproduce the real conditions which are likely to occur 
when the unit is installed for residential application use. The fuel cell stack 
was therefore stressed to evaluate the electrical performance of the SOFC 
system (power and efficiency). The phase when the electrical current is 
progressively raised from zero (idle state, stack operating in open circuit 
voltage) to 9 A goes under the name of “power ramp up” phase. It is shown 
in figure 5.17 and lasts approximately 40 minutes, from minute 250 to 
about 290. When stepping up the current, and therefore the electrical 
power, the complete variations of fuel cell inputs, relevant parameters and 
outputs are shown in section 3.2.3, figures 3.15 – 3.17, whereas the trend 
for some of theme is here reproduced, in figures 5.18 and 5.19.  
 
 
Figure 5.17 – stack current vs time in µCHP power ramp-up phase: measured data 
 
The plots in figures 5.18, 5.19 and 5.20 show respectively the trend 
of cathode air flow, anode air and fuel flows and lambda and during the 
power rump up phase. It is useful recalling that, in the figures legend, the 
term PV indicates present value, which is the current value measured by 
the system sensors, whereas SP stands for Set Point, that is what has been 
fixed in the tuning and design phase. The set points for the SOFC unit 




























Chapter 5 – Model Validation and Application 171 
 
startup and operation phases are reported in table 3.4 (section 3.2.3). By 
displaying both information for the same parameter, it is possible to detect 
when a fault or an abnormal behavior is occurring, as ascertained for both 
fault scenarios described in par. 3.3.  
 
 
Figure 5.18 – cathode air flow vs time in µCHP power ramp-up phase: measured 
data 
 
Figure 5.19 – anode fuel and air flow vs time in µCHP power ramp-up phase: 
measured data 
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Figure 5.20 – lambda vs time in µCHP ramp-up phase: measured data 
 
 
In order to evaluate the dynamic application of the model and 
validate its transient results, during the tests the CPOx reactor temperature 
and its dynamic trend were measured for each condition. The information 
about molar flows at reactor outlet did not enter in this analysis, because 
the purpose of the tests was to evaluate the thermal and electrical 
performance of the unit without focusing on the molar gas composition 
entering the fuel cell. Only the composition of the discharge flue was 
measured at the system exhaust, to check whether the emissions were 
within the acceptable values and compliant with the international standards.  
This dynamic trend of CPOx reactor outlet temperature was 
properly and accurately followed by the model, as might be observed in 
figure 5.21. The red line represents the temperature measured on the CPOx 
reactor through a contact thermocouple, whereas the blue line is the 
transient behavior of the model when the operating conditions vary and 
switch from one set point to the consecutive. For the entire power ramp up 
phase, the dynamic trend given by the model before reaching the steady 
state value is compared with the transient time measured in the real system. 
The dynamic validation is possible only for positive gradients (temperature 
raising during the power ramp up), due to the hypothesis of adiabatic CPOx 
model. Hence, the power ramp down phase and the cooling phases 
described by decreasing temperature (e.g. from minute 238 to minute 247 
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of figure 5.21) are not simulated. This explains why the simulated TCPOx, 
blue line in figure 5.21, is not shown in the cooling phase intervals.   
 
Figure 5.21 – Tout vs time in µCHP ramp-up phase: comparison between measured 
and simulated transients 
 
 
An analysis of the test results is already given in section 3.2.3. 
However, here additional considerations are given, with a focus on the 
behavior of the system in transient times. By analyzing the trends of reactor 
outlet temperature, lambda and the anode flows (Fig. 5.19 – 5.21), it might 
be seen that the starting point for the graphs corresponds to the late startup 
phase (minutes 220 – 230). During the system startup, a conventional gas 
burner is ignited and utilized to warm up the system, making the 
temperature suitable to enable the anode fuel and air flows. Indeed, the 
CPOx reactor shall be activated before feeding it with the air/fuel inlet 
mixture, and this is achieved through the Hot Box enclosure warm up 
brought by the startup burner. As reported in table 3.4 (section 3.2.3), in 
order to proceed with the transition from startup to operating phase, it is 
also required that the stack temperatures exceed 700°C, to activate the 
electrolyte placed between cell anode and cathode. In the late startup phase, 
the startup burner is shut off, the anode air and fuel valves are enabled and 
the reactor temperature, together with the stack operating temperatures, 
starts to increase, even if no power is drawn from the stack. In figure 5.20 
it may be observed as the initial lambda set point is higher than the optimal 
values (0.29-0.30). Indeed, as already explained, as soon as the reactor is 
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enabled, the lambda holds at high values, around 0.4, to promote the 
combustion reaction over the reforming one, as the target here is to heat up 
the system rather than enhancing the H2 conversion. The lambda is then 
progressively reduced, by decreasing the anode air as long as the reactor 
temperature stabilizes over 650°C. After this initial assessment phase, 
when the stack temperatures have reached a certain stability, it is possible 
to start the power ramp up phase and draw current from the stack. The 
average lambda oscillates around 0.30 up to minute 270  ( current 6A), 
except for some outliers and undesired peaks which are due to the 
hysteresis of anode fuel and air valve opening control. Each step in current, 
variation in air/fuel flowrates and cooling air has effects on the reactor 
temperature, and these are properly reflected by the model. The reactor 
temperature in this phase never exceeds 720°C. After minute 270, the air 
and fuel flow are increased and, in turn, the current is raised to 8 A. The 
lambda is further reduced (0.29-0.285) to account for an increase in the 
hydrogen selectivity and fuel cell electrical efficiency. Around minute 280, 
an uncontrolled opening of air valve leads to an increase in the anode air 
present value and thereby lambda. This causes a peak in the reactor 
temperature, which is accurately chased by the simulated results. It is worth 
to remark that the temperature peak has a time delay, which is properly 
simulated by the dynamic model. The cathode air is hence increased to 
reestablish the operating conditions held before this event. At minute 285, 
the last phase of ramp up is characterized by a rise in the anode air and fuel 
flowrates and a further reduction in lambda (to 0.282), with the aim to move 
closer to the nominal operating conditions. The stack power in this case is 
approaching 500W. The CPOx reactor temperatures has a considerable 
boost to over 760°C. This is the last step taken before starting the power 
ramp down phase and complete the electrical cycle. The operating 
parameters are then progressively decreased, following the same but 
reverse steps of the ramp up phase, until the µCHP unit is brought to the 
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5.5 - Fault 1- Carbon deposition: model based fault 
detection and isolation 
 
In order to prove the feasibility of the model to simulate and detect faults 
likely to occur in a CPOx reactor, the faults experienced in the experimental 
test session have been investigated. Herein the carbon deposition event 
described in paragraph 3.3.1 has been taken into account. Figure 5.22 
shows the detection of the fault, occurring around minute 261. The anode 
fuel flowrate and lambda trends show a considerable change in the current 




Figure 5.22 – Fault 1 detection: TCPOx, anode air and fuel flows, lambda vs time 
 
As soon as the fault occurred, the excessive anode fuel flowrate led 
to a remarkable decrease in the CPOx temperature, visible around minute 
263. A detailed description of the plots reported in figure 5.22 is already 
given in chapter 3.3.1. 
After the fault has occurred, it is possible to evaluate the ability of 
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the model to isolate this event and identify its magnitude. Indeed, in the 
µCHP startup afterwards the fault event, the CPOx temperature shows a 
trend different from the nominal conditions, as confirmed by figure 3.22 
(section 3.3.1) and figure 5.23 reported below. It is evident that the 
reforming system was not behaving properly and its performance were 
below the expectations When the model is used to evaluate the output 
results for the same input conditions, it is possible to compare the simulated 
reactor temperature with the measured one and analyze their trends 
(temperature plot in figure 5.23). It can be noted that the measured 
temperature (red line) is indicating an abnormal behavior of reforming 
rector; on the contrary, the simulated temperature (blue line) is properly 
representing the nominal operating conditions, which the system would 
have achieved if no fault had occurred. The deviation between real and 
simulated CPOx reactor temperatures is approximately 300 °C up to minute 
450, whereas it reduces between minutes 460 and 580, when anode air and 
fuel flowrates are increased. The ability of the model to determine the 
theoretical trend of CPOx outlet temperature corresponding to the given set 
points enables the fault diagnosis.  
 
  
Figure 5.23 – Fault 1 isolation:  TCPOx measured and simulated, anode air and fuel 
flows, lambda vs time in the µCHP  startup afterwards the fault occurrence 
 
A clear indication that the reforming reaction was not occurring 
properly is given by the long time needed for the reactor to be heated up. 
When the anode flows are enabled (around min 220), for a lambda of 0.6, 
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the model predicts a remarkable peak in CPOx temperature, over 900°C, 
due to the exothermic character of catalytic partial oxidation reaction, 
whereas the measured temperature barely approached 600°C. As recalled 
in previous sections, such a high lambda is adopted only for first ramp up 
(or late startup) phase, after the air/fuel mixture is fed to the reactor, in 
order to instantaneously raise the temperatures to promote the reforming 
reaction. In addition to the deviation of almost 300 °C between measured 
and simulated reactor temperatures, another factor which brings to account 
for a carbon deposition fault is the very long transient time (over 450 min) 
required by the reactor to exceed 600 °C, even if the lambda was 
maintained quite higher with respect to the normal design status. Indeed, in 
nominal operating conditions the temperature should have exceeded 700 
°C, as indicated by the simulated results and confirmed by the rise in the 
temperature observed at minute 220, just after the anode line enabling. It is 
worth noting that, since the temperature in the reactor was not increasing 
sufficiently, for all the test duration the startup burner was hold ignited, 
also during the operation phase, with the aim to exploit its contribution for 
the reactor thermal heating. After 480 min, with increasing anode fuel and 
air flowrates, the oxidation reaction characterizing the indirect CPOx 
mechanism was promoted in the still active catalyst sites, leading to a slight 
increase in the temperature. 
By examining all these aspects and the temperatures graph in figure 
5.23, it appears logical that the reforming reaction was not happening 
properly inside the reactor. The unique reason for this abnormal behavior 
can be addressed to the reduction of the catalyst active area. This 
consideration is consistent with the hypothesis that a carbon deposition 
event occurred. In this case, in order to investigate about the entity of the 
fault, it is required to look also to other experimental variables. Indeed, 
sometimes the difference in CPOx temperature trends between measured 
and simulated results might not be sufficient to isolate and identify the 
fault: a CPOx temperature trend below the expectations can be experienced 
also for other abnormal events, such as catalyst oxidation, described in 
paragraph 3.3.2. In order to identify the type of fault occurred in the system 
and to prove that a carbon deposition phenomenon took place, the 
temperatures plots shall be associated to the information about stack 
voltage (figure 5.24).  
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Figure 5.24- Fault 1 isolation:  stack voltage in the µCHP  startup afterwards the 
fault occurrence 
 
As explained in section 3.3.1 and here recalled, the stack voltage 
shown in figure 5.24 was heavily below the theoretical OCV value 
registered in the previous startup (60 V). This means that the inlet methane 
was not totally converted into hydrogen, and in turn the fuel cell anode did 
not have the ability to carry out the electrochemical reaction which 
generates electrical current.  Most of the fuel entering the CPOx reactor left 
the same unconverted and reached the fuel cell anode compartment. Here, 
it could either react inside the stack with the anode air not consumed into 
the CPOx reactor, or directly burn inside the offgas burner. A combination 
of both phenomena is also feasible. When the model is included in a large-
scale SOFC system dynamic model, the drop in stack voltage might be 
observed through the variation of the anode inlet composition (reduced H2 




5.6 - Fault 2- Catalyst oxidation: model based fault 
detection and isolation 
 
The second fault simulated by the model is the catalyst oxidation, described 
in paragraph 3.3.2. Figure 5.25 shows the occurrence of the above 
mentioned fault during the operating phase of µCHP, with the CPOx 
reactor temperature approaching undesired and dangerous levels. The fault 
detection is very simple and immediate in this case, since it happens while 
operating at steady state conditions and not during the startup phase as 
experienced for fault 1.   
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Figure 5.25 – Fault 2 detection: TCPOx, anode air and fuel flows, lambda vs time 
 
A detailed description of the plots reported in figure 5.25 was 
already given in chapter 3.3.2. 
As in the previous case of carbon deposition fault, by investigating 
the µCHP performances after the occurrence of this fault it is possible to 
understand whether this event has caused severe consequences for the 
CPOx reactor of fuel cell stack. The comparison between measured data 
and simulated results permits then the fault diagnosis, to acknowledge the 
ability of the developed model to be used as tool for the fault analysis 
application. The fault detection and isolation is carried out by looking at 
the difference between model output temperature and the experimental data 
measured in the µCHP start up subsequent to the fault event, shown in 
figure 5.26.  
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Figure 5.26 – Fault 2 isolation:  TCPOx measured and simulated, anode air and fuel 
flows, lambda vs time in the µCHP  startup afterwards the fault occurrence 
 
The complete temperature trends for this µCHP startup attempt are 
shown in figure 3.17 of section 3.3.2. For the model based diagnosis 
application here considered, only a restricted time frame is taken into 
account. The fact that the CPOx reactor was working in abnormal 
conditions is evident. Indeed, the real reactor temperature oscillated around 
600°C for each input condition, against the nominal trend expected for the 
CPOx temperature given by the model, which always keeps around 700°C. 
Respect to what displayed in the graph 5.23 (carbon deposition fault), in 
this case the gap between measured and simulated temperature tends to be 
constant all over the startup and run operating phase. Moreover, the 
deviation between both trends is lower than the previous case: the 
maximum offset between nominal and measured reactor temperature is 138 
°C at minute 318 (750 °C the simulated temperature and 612 °C the real 
one). The average deviation for the entire operating period is around 100 
°C, against the 300 °C obtained in the case of carbon deposition. The first 
peak in the real CPOx temperature trend (minute 34), visible as soon as the 
anode feeding system is enabled, is properly reproduced by the model. 
After that, when reducing the lambda value (which however was kept 
below 0.4 over the entire operating range), the real temperature stabilized 
around 600°C, whereas the nominal value given by the model approaches 
700°C. Nevertheless, the exothermic reforming reaction was taking place 
inside the reactor, and this is confirmed by the difference respect to the 
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previous case, where both a higher lambda and the contribution of the 
startup burner to heat up the reactor were required. The gradient between 
real and theoretical temperatures increases when moving to the run phase 
(after min 210), when both air and fuel flowrate were increased and the 
stack was generating power.  
The above considerations lead to conclude that also here some 
active sites of CPOx catalysts were not working properly. However, 
differently from the carbon deposition event, the reactor hold its 
temperature almost constant for each operating condition, even if below the 
nominal trend offered by the model. This implies that the exothermic 
reforming reaction was occurring inside the CPOx reactor, but with lower 
efficiency. This is confirmed by analyzing the stack voltage trend shown in 
figure 5.27, as done for the diagnosis of carbon deposition fault. Differently 
from the previous case, in the µCHP startup carried out just after the fault 
was detected the stack voltage kept slightly below the nominal OCV value 
of 60V and the power drawn by the stack was about 340W. 
 
 
Figure 5.27- Fault 2 isolation:  stack voltage in the µCHP  startup afterwards the 
fault occurrence 
 
The ability of the stack to generate power brings to isolate and 
identify the fault as catalyst oxidation. In fact, this confirms the hypothesis 
that the catalyst surface was only partially affected by the fault and the 
reforming reactions were taking place, even if with a different efficiency 
and conversion respect to the nominal conditions. The catalyst was 
therefore partially damaged by the fault and only some active sites were 
poisoned by the oxide. The likely combustion which occurred inside the 
reactor when the lambda grow up out of control (between minute 160 and 
240 in figure 5.25) could have only in part damaged the catalyst, the seals 
and the insulating materials. In spite of this, the CPOx reforming however 
occurred, with reduced conversion and lower H2 molar fraction yield and 
also, in turn, reduced electrical stack performances.  
Similarly to the previous case, the confirmation of the type of fault 
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is given by the following test sessions, reported in paragraph 3.3.2. During 
the subsequent µCHP startup attempts, the system continued to operate and 
generate power, with performance progressively reduced, until the stack 
ended up to be finally damaged after four startup attempts. Several stack 
clusters have eventually suffered a reduction in the electrical performances 


















In this thesis an investigation of the reforming methods available 
for Solid Oxide Fuel Cell (SOFC) systems and their basic concepts has 
been carried out. The three main reforming mechanisms for SOFC 
applications have been classified as steam reforming (SR), catalytic partial 
oxidation (CPOx) and autothermal reforming (ATR). For each method, the 
reactions involved, the main operating parameters together with the main 
advantages and the critical issues have been described. Moreover, the 
thermodynamics and the kinetics of the reaction mechanisms have been 
analysed, with particular focus on the CPOx reforming, which is the main 
topic of this thesis. 
The Catalytic Partial Oxidation (CPOx) technology has been 
identified as the most attractive process for the production of syngas or 
hydrogen in both small-medium scale SOFC applications and Micro 
Combined Heat and Power (µCHP) systems. This is due to the ability of 
the CPOx reaction to be carried out in compact reactors with rapid dynamic 
response and with low heat capacity. The reaction is slightly exothermic 
and therefore does not require external heat to take place. In addition, CPOx 
technology does not require steam, as the media required for the reforming 
reaction is air, which is easily available for residential application. This 
mainly means that CPOx is independent from an external water source and 
any heating source. On the other hand, catalytic partial oxidation is less 
efficient than steam reforming, therefore it is most suitable for applications 
where the system simplicity is a priority with respect to high hydrogen 
yield. 
For this mechanism, an analysis of reactor catalysts and supports 
typically used for SOFC systems has been performed. The Rhodium has 
been identified as the best noble metal because of its high selectivity to H2, 
low volatility and resistance to coke formation. The best support that can 
be associated to the Rhodium catalyst in order to maintain the dispersion 
of the active phase and ensure thermal stability in severe working 
conditions has resulted to be α-Al2O3.   
The general analysis of the CPOx reforming process has allowed 
the identification of the main parameters to take into account when 
considering fault diagnosis of reformer based on this technology. The most 
common fault events likely to occur inside a CPOx reformer for SOFC 
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systems have been analysed through a Failure Mode and Effect Analysis 
(FMEA) and a Fault Tree Analysis (FTA). These analyses are aimed at 
identifying the main events responsible for the catalyst deactivation, 
together with their causes and effects on the SOFC system performance. 
The Catalytic Partial Oxidation mechanism has then been explored 
from both modelling and experimental points of view, with the aim to 
simulate the reforming process and identifying the thermodynamic optimal 
operating conditions at which natural gas may be converted to hydrogen. 
At the same time, the main fault scenarios likely to occur during the 
reforming phase have been analysed, both in experiments and during 
simulations, to evaluate the capability of the developed model in 
performing effective fault detection and isolation for on-board diagnostic 
application. 
The CPOx dynamic model developed in this thesis is based on the 
minimization of Gibbs free energy and can be easily reconfigured for 
describing a steam reforming mechanism. The approach adopted for the 
thermodynamic model is zero-dimensional (i.e. grey-box model), which is 
suitable to evaluate the impact of inlet composition (lambda) and inlet 
reactant pre-heating temperature on the product gas fractions and on the 
reactor outlet temperatures required as outputs. The inlet reactant pre-
heating temperature has been linked to the other parameters relevant to the 
SOFC system (input fuel flow rate, cathode air flow for stack cooling, fuel 
utilization and CPOx reactor outlet temperature) through a linear regression 
based on experimental data. The reactor layout adopted in the model 
assumes the catalytic system most suitable and efficient for the partial 
oxidation of methane to synthesis gas. The catalyst considered is Rhodium 
(Rh) deposited over α-Al2O3 extruded monoliths ceramic supports with a 
honeycomb structure. 
The model results are useful to identify the conditions that yield to 
the maximum methane conversion and hydrogen gain in the outlet products 
according to the limit set for the reactor outlet temperature. For given 
operating conditions, the equilibrium temperature of the reactor and the 
equilibrium compositions are calculated. These results are obtained by 
varying the input parameters, i.e. lambda and inlet reactant pre-heating 
temperature, in the operating range specified for the application of CPOx 
reactor in a SOFC system. 
The first set of results was achieved by running the model at fixed 
lambda in the range 0.25 - 0.33, to evaluate the effect of the inlet reactant 
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pre-heating temperature (varied in the range 50 - 350 °C) on the reactor 
outlet compositions and temperature. It was observed that working with a 
lambda of 0.25 yields the maximum hydrogen gain. However, this does not 
represent the optimal condition for SOFC applications, as the reactor outlet 
temperature exceeds 700 °C only when the pre-heating temperature is very 
high (350 °C). Furthermore, the CH4 conversion is reduced. 
The best conditions are achieved for a lambda in the range 0.29-
0.30, leading to a reactor outlet temperature within 680-750°C. Indeed, in 
these cases the H2 molar fractions are approaching the maximum yield 
(around 35%) with reduced reactant pre-heating temperatures, and 
moreover the methane is almost completely converted (CH4 conversion 
above 95%). Both H2 and CO selectivity are over 90%. For lambda higher 
than 0.30, the H2 yield is lower than other conditions, even if the conversion 
of CH4 is higher. Simultaneously, the reactor outlet temperatures are too 
high (more than 860 °C for a pre-heating temperature of 350°C with lambda 
of 0.33), which implies that this condition is suitable only in the late startup 
phase, when there is the need to heat up the reactor in order to reach the 
most suitable conditions. 
The second set of results is obtained by varying the lambda in the 
range 0.25-0.35, at fixed reactant pre-heating temperatures (between 50 and 
300 °C), in order to evaluate the effect of working at different lambda on 
the outlet temperature and compositions. It was found that when the 
reactant pre-heating contribution is small (Tin = 50°C) and the lambda 
below 0.32, the reaction occurs at non optimal temperatures; this leads to a 
lower H2 and CO outlet yield, resulting in an overall lower conversion 
efficiency. Working in the intermediate conditions (Tin = 150°C and Tin = 
230°C) with lambda of 0.29-0.30 represents the best option for a CPOx 
reactor operation. Indeed, these parameters allow operating at an adequate 
reactor temperature with high efficiencies and H2-CO selectivity. For each 
inlet reactant pre-heating temperature, the H2 yield decreases with 
increasing lambda (the maximum is for lambda of 0.25), resulting in a 
lower quality of the reformate exiting the reactor. The CO selectivity trend 
is decreasing with lambda as well, even if less markedly than H2, and 
increasing with the pre-heating temperature. 
The model is dynamic and therefore accounts for the transient 
variations in input conditions, i.e. air and fuel ratio over the startup and run 
time, in order to describe the CPOx temperature ramp up. 
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The model has been validated through experimental data gained in three 
different test cases: 
 
a) Internal tests on CPOx reactor integrated in the Hot Box; 
b) Lab tests on CPOx reactor external to the Hot Box, heated up by 
electrical resistances; 
c) Tests on 1 kW planar µCHP unit. 
 
Tests a were performed at Hysytec/SOFC Power facilities on CPOx 
reactors integrated inside the Fuel Cell Module. The thermal integration 
allows the reactor to reach the operating temperatures required for its 
activation through the contribution of the startup burner. In addition, it 
enables the pre-heating of the reactant gas mixture before entering the 
reactor. These tests were finalized to evaluate in detail the temperature 
distribution inside the reactor and to measure the products gas composition 
via spectral analysis. 
Tests b were carried out at Hysylab laboratories (Environment Park). 
In these test sessions, the reactor was separated by the Hot Box. In order to 
approach the appropriate operating temperature for the CPOx reaction, the 
mixture entering the reactor and the reactor itself were heated up by means 
of three electrical resistances. The tests allowed the measurement of 
products concentrations and temperatures in five different locations inside 
the reactor for different operating conditions. 
The tests performed at Ariston Thermo facilities on the μCHP final 
units (tests c) were the most complete. Indeed, in addition to the local 
information directly related to the CPOx reactor, i.e. reactor outlet 
temperature and lambda, other relevant parameters for the entire SOFC 
system such as inlet fuel, stack current and cathode air were measured. 
The model validation has shown that the simulation results follow 
accurately the experimental tests for each operating condition and well 
reproduce the real reaction mechanisms occurring in a CPOx. In transient 
analysis, the dynamic trend of the CPOx reactor temperature was properly 
and accurately followed by the model as well. 
During the test activities on the planar 1 kW µCHP (case c), two faults, 
namely carbon deposition and catalyst oxidation, occurred and their effects 
on the system were evaluated. 
The catalyst oxidation fault did not cause irreversible damage as 
resulted for carbon deposition event; in the former case the SOFC system 
187 Conclusions 
 
is still able to operate for a certain time after the fault occurrence, though 
out of the nominal range. On the other hand, the catalyst oxidation 
phenomenon may affect also the stack if not detected in the due time, 
whereas in case of a carbon deposition event the stack replacement can be 
avoided.  
The faults occurred during the test sessions have been taken into 
account in the model, with the purpose to evaluate the application of the 
CPOx dynamic model for fault detection and isolation analysis. Indeed, the 
diagnosis algorithm has been tested by comparing the real effect of the 
faults on the reforming reactor parameters with the nominal results given 
by the model, in order to verify that the fault diagnosis is properly 
accounted by the simulated conditions. The results shown in the thesis have 
proven the feasibility of the model to simulate and detect faults likely to 
occur in a CPOx reactor and thereby have demonstrated its capability to be 
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